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The goal of this work is to understand the effect of the relative values of membrane permselectivity,
permeation flux and reaction rate on the performance of a water gas shift membrane reactor. This was
achieved by simulating the operation of an isothermal tube–shell reactor. Its performance was evaluated
based on the CO conversion and H2 recovery, as well as the permeate and retentate H2 molar fractions.
vailable online 14 January 2010
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The maximum enhancement of CO conversion has been observed when the Damkhöler number (Da) is
almost equal to the permeation number (Pe). Improvements in CO conversion can be achieved even when
membranes with relatively low permselectivity values (∼10) are used. Further increase of permselectivity
primarily increased the purity of the H2 rich stream. The utilization of CO2 selective instead of H2 selective
membranes could improve CO conversion only if the CO2 content of the feed is higher than that of H2.
Finally, simulations using rate expressions that correspond to different detailed reaction mechanisms

feren
resulted only in slight dif

. Introduction

Fuel cells are devices that can efficiently convert chemical
nergy to electricity. They can operate using different fuels (i.e.
ethanol, H2), with hydrogen being the one most commonly used.

he use of hydrogen as fuel is considered to be environmentally
riendly because, in such a case, the only emission is water. Unfor-
unately, H2 does not exist as a pure compound on earth. As a result,
t must be produced either from electrolysis of water or conver-
ion of hydrocarbons (i.e. biofuels, natural gas, diesel, etc.). Issues
elated to H2 storage and distribution have rendered on-site H2
roduction an attractive alternative solution, especially for auto-
otive applications. Steam reforming, autothermal reforming and

artial oxidation are three important processes for the conversion
f hydrocarbons to H2. The H2 streams produced from the above
eactions contain significant amounts of CO, which is undesirable
ecause it poisons the fuel cell catalyst. One way to reduce the CO
oncentration is the water gas shift (WGS) reaction:
O + H2O ↔ CO2 + H2, �HRXN = −41.4 kJ/mol

WGS is a reversible exothermic reaction, thus high temperatures
hich favor fast kinetics are not suitable for achieving high conver-

∗ Corresponding author. Tel.: +30 2610965242; fax: +30 2610965223.
E-mail address: vnikolak@iceht.forth.gr (V. Nikolakis).

376-7388/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
oi:10.1016/j.memsci.2010.01.014
ces in reactor performance.
© 2010 Elsevier B.V. All rights reserved.

sions. One novel approach for improving the performance of WGS is
the implementation of catalytic membrane reactors. Such reactors
combine reaction and separation into one unit. A catalytic mem-
brane reactor that allows the selective removal of one of the WGSR
products (H2 or CO2) is expected to increase the CO conversion at
high reaction temperatures.

In the past, several research groups have compared the per-
formance of a membrane WGS reactor to that of a conventional
reactor. In most cases, H2 selective membranes such as Pd [1],
Ag–Pd alloys [2], or microporous silica [3–5], and/or porous vycor
glass [6] have been tested. Recently, studies using CO2 selective
membranes have also appeared in literature [7–9]. The find-
ings indicate that a WGS membrane reactor is expected to have
enhanced performance in terms of CO conversion compared to that
of a conventional reactor.

In addition to experimental studies, many research groups have
tried to simulate WGS membrane reactors. A WGS membrane
reactor was first simulated using a simplified model that con-
sidered a membrane with Knudsen permeability [10]. The model
also assumed the feed gas stream was continuously at equilib-
rium (fast WGS kinetics). As a result, the composition of the feed
stream changed continuously as each gas permeated through the

membrane at a different rate. It was found that under isothermal
conditions a multistage reactor module was needed in order to
increase the H2 concentration beyond 90%.

A series of articles have presented experimental results and sim-
ulation studies concerning the performance of Pd or Pd–Ag based

http://www.sciencedirect.com/science/journal/03767388
http://www.elsevier.com/locate/memsci
mailto:vnikolak@iceht.forth.gr
dx.doi.org/10.1016/j.memsci.2010.01.014
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have been published so far. It is generally accepted that the
WGS proceeds via either a Langmuir–Hinshelwood (L.H.), redox or
Eley–Rideal type mechanism. Depending on the mechanism and
the rate limiting step, the reaction rate expressions have different
dependences on the partial pressures of the compounds participat-

Table 1
Differential equations and boundary conditions for the tube side and shell side of
the reactor.

Tube side Shell side

(1)
dFtube

i
dz

± ri
mcat

L + Qi�Pi
Areamembrane

L = 0 (6)
dFshell

i
dz

− Qi�Pi
Areamembrane

L = 0

(2) dPtube
dz

= − 8ū�mix

r2 (7) dPshell
dz

= −8ūp�mix

r2
P. Boutikos, V. Nikolakis / Journal of

embrane WGS reactors. The main characteristic of these stud-
es is that the membranes used were highly permselective for H2,
reventing the permeation of any other components. In partic-
lar, the effect of co-current vs. counter-current mode has been
tudied using a 2D model that takes into account radial dispersion
y molecular diffusion [11]. The model predictions indicated only
light differences in terms of CO conversion between each oper-
ting mode, even though the axial profiles were different. On the
ther hand, they have found that it is possible to recover higher
mounts of H2 on the permeate side of the reactor in the counter-
urrent mode of operation. The effect of the Damkhöler number
t the inlet [4], the operating conditions (i.e. temperature, reaction
ressure, feed flow rate) [12], and the catalyst mass distribution
13] on reactor performance has also been studied. It has been
ound that under certain conditions, using this type of reactor, it
s possible to obtain almost 100% CO conversion [14].

Koukou et al. [5] have studied the effect of non-ideal flow effects
axial and radial dispersion) on the performance of an adiabatic
acked bed membrane reactor. They used the parameters of a
icroporous silica membrane with H2 permselectivity of ∼15 and

he Power Law type reaction rate expression for a Fe–Cr catalyst.
he CO conversion and H2 recovery predictions using simulations
hat took into account the dispersion were lower than the predic-
ions made using a simplified plug-flow model.

Ma and Lund [1] have studied an adiabatic packed bed Pd-based
embrane reactor. Among other parameters, they have assessed

he effect of the CO2 rate inhibiting effect on reactor performance.
hey have found that for iron–chrome catalysts the elimination of
he CO2 inhibitory effect is more important in enhancing the reactor
erformance than the equilibrium shift due to H2 removal.

Alfadhel and Kothare [15] have developed a detailed mathemat-
cal microfluidic model for a membrane microreactor. The model
ses the Navier–Stokes equations and incorporates reaction, and
embrane permeability, as well as the possibility of having slipping

ows.
Huang et al. [7,16] have investigated the possibility of using

CO2 selective membrane to enhance the CO conversion and to
ncrease the H2 purity on the high pressure side of the mem-
rane reactor. The effect of operating parameters such as feed
oncentration, temperature and pressure, as well as membrane
ermselectivity, has been investigated. The modeling results have
hown that it is possible to recover more than 97% of the H2, with
10 ppm CO, by adjusting the operating parameters.

The studies mentioned above have clearly shown the potential
enefits of utilizing a WGS membrane reactor. However, most of the
tudies have focused on one particular membrane (i.e. Pd or Pd–Ag
ased membranes) which has pre-set characteristics (i.e. perme-
bility and permselectivity). Until today, only a few parametric
tudies have appeared that examine the effect of relative values of
ermselectivity, permeation rate, and reaction rate on membrane
eactor performance [17]. Furthermore, these studies have focused
rimarily on dehydrogenation reactions. An in depth understand-

ng of the effect of all these parameters on reactor performance
s expected to provide guidance for developing new membrane

aterials.
The goal of this publication is to understand the effects of

everal WGS membrane reactor design and operational param-
ters on its performance. Two dimensionless numbers, namely
amkhöler (Da), and permeation (Pe), have been used to describe

he relative reaction and permeation rates. The values of Pe and
ermselectivity have been selected based on the performance of

iO2 membranes reported in the literature. We have not used data
rom Pd-based membranes because they have lower Pe values, and
s a result they require higher feed pressures in order to achieve
he same permeation flux. Furthermore, the membrane permse-
ectivity, as well as the effect of using a CO2 selective vs. an H2
Fig. 1. Schematic representation of the membrane reactor modeled.

selective membrane, have been examined in relation to the WGS
reaction mechanisms. For these reasons, several mechanisms (i.e.
Langmuir–Hinshelwood or Redox) have been tested. Finally, the
effect of using or not using a sweep gas has also been examined.

2. The reactor model

The membrane reactor modeled had a typical tube–shell geom-
etry (Fig. 1). The inner tube is porous (membrane) and the outer
tube is impermeable. The reactants were fed into the tube side of
the reactor, while a sweep gas was fed into the shell side. The cat-
alyst has been deposited as a thin layer on the inner side of the
membrane and, as a result, only the gases at the tube side were in
direct contact with it and participated in the reaction.

The mathematical model has been developed assuming the fol-
lowing:

1. Isothermal operation at steady state.
2. No radial concentration distributions in the tube or on the shell

side of the reactor.
3. Plug flow in both compartments of the reactor (no axial mixing).
4. Permeation through the membrane is proportional to the differ-

ence in the partial pressure of each component between the tube
and shell side.

5. The catalyst layer is an infinitely thin layer on the inner side of
the tube.

6. Negligible effect of competitive reactions.
7. Ideal gas behavior.

The equations used and the corresponding boundary conditions
are presented in Table 1.

The majority of the calculations have been carried out using a
simple reversible reaction that corresponds to the catalyst Cu/ZnO
((R1) of Table 2), using the reaction rate constant from the liter-
ature [18]. Numerous studies concerning WGS reaction kinetics
sup port k

(3)u[z] =
RT/P

∑
Ftube

i
S (8)uShell[z] =

RT/P
∑

Fshell
i

S

(4)Ftube
i

[z = 0] = Ftube
i,0

(9)Fshell
i

[z = 0] = Fshell
i,0

= 0

(5)Ptube[z = 0] = Pin (10)Pshell[z = 0] = Pshell,in
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Table 2
Expressions of the WGS rate reaction kinetics, and of the parameter temperature dependence used in the simulations (ˇ = (PCO2 PH2 )/(KeqPCOPH2O)).

Rate expression Kinetic parameters References

rCO = K

(
PCOPH2O − PH2 PCO2

Keq

)
(R1) K = 82.2e−47,400/T [18]

rCO = KPCOPH2O(1 − ˇ)(
1 + KCOPCO + KH2OPH2O + KH2 PH2 + KCO2 PCO2

)2
(R2)

K = 0.92e−454.3/T

KCO = 2.2e101.5/T

KH2O = 0.4e158.3/T [19]
KH2 = 0.05e1596.1/T

KCO2 = 0.0047e2737.9/T

rCO = KPCOPH2O(1 − ˇ)(
1 + KCOPCO + KH2OPH2O +

(
KH2 PH2

)1/2
+ KCO2 PCO2 P1/2

H2

)2
(R3)

K = 2.391 × 107e−6949.2/T

KCO = 0.0942e1782.1/T

KH2O = 0.0333e2088.8/T [20]
KH2 = 0.0315e2057.7/T

KCO2 = 0.00314e3003.5/T

rCO = K(PH2O − (PCO2 PH2 /Keq(T)))

1 + KCOPCO2 /PCO
(R4)

K = 2.012 × 108e−8681.3/T [20]
KCO = 3.518 × 10−3e3203.9/T

rCO = KKCOKH2OPCOPH2O(1 − ˇ)(
1 + KCOPCO + K1/2

H P1/2
H

)2 (
1 + K1/2

H OP1/2
H O + KCO2 PCO2

) (R5)
K = 3.7 × 107e−78,200/T [21]
KCO = 94.4
K = 12.2
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ng in the reaction. As a result, some of those have been selected in
rder to illustrate the effects of the more complicated reaction rate
xpressions on the performance of the membrane reactor. Expres-
ion (R2) corresponds to a L.H. model with surface reaction being
he rate limiting step. The parameters have been estimated for
u/ZnO/Al2O3 catalyst [19]. A different study, using the same type
f catalyst, has estimated the parameters of expressions (R3) and
R4) [20]. (R3) corresponds to a L.H. model with the rate limiting
tep being the reaction of adsorbed CO and water molecules to form
dsorbed formate and atomically adsorbed hydrogen species. (R4)
orresponds to a redox mechanism in which the rate limiting step
s the reaction of the oxidized support with CO to form CO2 and a
educed surface site. Expression (R5) has been derived to express
he kinetics of a Pt/CeO2/Al2O3 catalyst [21] using a L.H. model. The
t provides adsorption sites for CO and the CeO2 for water. Details
bout the rate expressions, and the temperature dependence of
heir parameters can be found in Table 2. The geometric character-
stics of the reactor, as well as the range of operational parameters
sed, are presented in Table 3.

The performance of the reactor has been evaluated using the
ollowing three parameters:

. The overall CO conversion:
XCO =
Ffeed

CO −
(

Fpermeate
CO + Fretentate

CO

)

Ffeed
CO

able 3
imulated reactor dimensions and operational parameters.

Operational parameters

Temperature (K) 623
Mass of catalyst (g) 0–2 g
Feed composition 11% CO–38% H2O–44% H2–7% CO2

Tube feed pressure (atm) 2
Shell feed pressure (atm) 1
Tube feed flow (cm3/min) 140
Sweep gas feed flow, He (cm3/min) 220

Reactor dimensions
Length [cm] 10
Tube diameter [cm] 0.4
Shell diameter [cm] 2.54
H2O

KH2 = 462
KCO2 = 2.4

2. The H2 recovery, which is defined as the ratio of the H2 flow at
the permeate to the total H2 product flow:

RH2 =
Fpermeate

H2

Fpermeate
H2

+ Fretentate
H2

3. The mole fractions of H2 and CO at the permeate and the reten-
tate streams of the reactor.

To gain a better understanding of the results, they are presented
as a function of the following three parameters:

. Membrane permselectivity:

PSi/j = Qi

Qj

. The Damkhöler number (Da = ro(mcat/Ffeed
o )) calculated at con-

ditions at the reactor feed. This dimensionless number is the ratio
of the mass consumption (or production) due to the reaction, to
the axial transport via convection.

c. The permeation number (Pe = QH2 �Ptube
H2

(Areamembrane/Ffeed
H2

)),
calculated for H2 at conditions at the reactor feed. This dimen-
sionless number is the ratio of the mass consumption (or
production) due to transport through the membrane, to the axial
transport via convection.

The model assumes the absence of axial and radial mixing in the
reactor. To assess the degrees of mixing along the axial direction,
the Peclet numbers for the tube and shell side have been calculated
for each pair of gases:

Per = ûL

Di,j
(11)

The mutual diffusion coefficient of i, j has been estimated for
all pairs of the multicomponent mixture using the procedure

described in literature [22]. Depending on the pair of gases chosen,
Per at 623 K varied between 142 and 2630, indicating that the axial
dispersion due to molecular diffusion can be ignored. The influ-
ence of radial mass transport on the degree of radial mixing in wall
coated tubular reactors has been studied in the past [23,24]. For
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aminar flow in tubes, it can be estimated from the dimensionless
wo-phase mass transfer time [23]:

= 11
48

rsup port û

LDi,j
(12)

or the CO–H2O pair, � has been estimated to be approximately
.07. Simulations of non-reversible bimolecular reactions have
hown that when � < 0.1, for all values of Da, conversion approx-
mates the value calculated using a plug-flow reactor (PFR) model
23]. In our case, WGS is reversible and, as a result, the effect of
adial gradients due to the reaction is expected to be smaller. On
he other hand, the contribution of the membrane permeation is
nhancing radial gradients, especially at high Pe numbers. How-
ver, the highest Pe number studied was ∼2, indicating that the
ssumption of non-radial dispersion can be considered as a good
rst approximation.

. Results and discussion

.1. Effect of Da and Pe

The flow rates of CO, H2O, H2, and CO2 along the membrane
ube and shell sides are shown in Figs. 2 and 3 respectively. The

embrane H2 permselectivity was set equal to 10 and the Da and

e were varied between 0 and 1.5.

For all combinations of Da, and Pe examined, the molar flow rates
f all components on the shell side increased along the reactor axis.
he use of sweep gas dilutes the shell side and, as a result, despite
he co-current flow, there is a driving force for permeation over the

ig. 2. Flow rates of H2O, CO2, H2, and CO on the tube side of the membrane reactor
long the axis of the reactor. Each line corresponds to a different combination of Da
nd Pe (for all simulations, H2 membrane PS = 10).
Fig. 3. Flow rates of H2O, CO2, H2, and CO on the shell side of the membrane reactor
along the axis of the reactor. Each line corresponds to a different combination of Da
and Pe (for all simulations, H2 membrane PS = 10).

entire membrane length. When Da = 0 and Pe = 1.5 (no reaction), the
flow of each component decreased along the axis of the tube side
due to permeation. The opposite was observed on the shell side. On
the other hand, when Da = 1.5 and Pe = 0 (no permeation) the flows
of CO and H2O decreased and the flows of H2 and CO2 increased
along the reactor axis, approaching a constant value as the reaction
shifted towards equilibrium (after∼3 cm or∼30% of reactor length).
These two combinations of Da, and Pe are two limiting cases cor-
responding to a membrane separator and a conventional tubular
plug-flow reactor.

For all combinations of non-zero Da and Pe, the flow rates of CO
and H2O steadily decreased along the tube side of the membrane
reactor. When Da > Pe, the molar flow rate of H2 passed through a
maximum. In the reactor axial segment before the maximum, the
rate of H2 production from the WGS reaction is higher than the rate
of H2 removal due to membrane permeation. The opposite is true
in the segment after the maximum. The location of the maximum
is at the point where these two rates become equal. A maximum is
also observed in the CO2 flow rate, for certain combinations of Da
and Pe (i.e. Da = 0.15 and Pe = 1.5), due to the non-infinite values of
H2 permselectivity. Its location in the axial direction depends on
the relative values of the H2 and CO2 mole fractions in the feed,
as well as on the membrane permselectivity value. For H2 selec-
tive membranes and feeds of low CO2 content, it should occur after
the maximum of the H2 flow. When Da < Pe, the flow rate of H2

decreased over the entire length of the reactor.

The most pronounced deviations from the two limiting flow
profiles have been observed when Da = Pe = 1.5. The flow rate of
H2 was essentially constant close to the reactor feed and then
gradually decreased following a profile similar to that of the mem-
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equilibrium value instantly, and the amount of steam and CO that
ig. 4. CO conversion, H2 recovery (top panels) and molar fractions of CO and H2 at
he reactor retentate and permeate (bottom panels) as a function of Pe for different
alues of Da (for all results, the H2 membrane PS = 10).

rane separator. Furthermore, for this particular combination of
a, and Pe, the maximum decrease of CO and H2O flow rates was
bserved.

The effect of Da on reactor performance as a function of Pe is
resented in Fig. 4. In the same figure, the results from the case
f Pe = Da are also presented. For all Pe values examined, conver-
ion increases with Da. Similar results have also been reported by
suru et al. [25] in studies of methane steam reforming membrane

eactors. On the other hand, for each value of Da, conversion passes
hrough a maximum as a function of Pe that can be attributed to the
ermeation of reactants from the tube side to the shell side of the
eactor before they react. This observation is due to the relatively
Fig. 5. Effect of membrane permselectivity on reactor performance. CO conversion,
H2 recovery (top panels) and molar fractions of CO and H2 at the retentate and
permeate (bottom panels) (for all simulations, Pe = 1).

low membrane permselectivity value (10) used in this particular
simulation, and should not be observed if membranes with high H2
permselectivity are used (i.e. Pd–Ag).

The conversion exceeded equilibrium for all Pe values tested
when Da ≥ Pe = 1.5. A tenfold increase of the Da from 1.5 to 15
improved conversion less than 1% when Pe was less than 1 and up
to ∼2% when Pe was more than 1. When the reaction is much faster
than permeation, the composition on the tube side approaches the
permeate through the membrane before reacting is minimized. As
a result, the conversion enhancement depends primarily on the
product removal due to permeation. In contrast to CO conversion,
H2 recovery (Fig. 4) is primarily affected by the value of Pe and is
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the membrane reactor conversion, the H2 recovery and yH2
, yCO

are presented in Table 4. The equilibrium conversion and the con-
version of the membrane reactor increased with the steam to CO
ratio. The conversion improvement was more pronounced at low
steam/CO ratios. In particular, when steam to CO ratio was 1, the

Table 4
Effect of H2O/CO in the feed on equilibrium conversion, the membrane reactor con-
version, the H2 recovery and hydrogen and CO molar fractions at the permeate side.
For all compositions the molar ratio of CO/H2/CO2 is 17.7/71/11.3, Pe = 1, PS = 100.
Da = 1.5 for composition with H2/CO = 3.45.

H2O/CO in the feed Xequilibrium [%] XCO [%] RH2 [%] yP
H2

yP
CO

4 88.4 97.8 85.5 0.964 0.0037
3.45 86.3 97.5 86.4 0.967 0.0047
Fig. 6. Effect of H2/CO2 and H2/CO permselectivity on memb

lmost insensitive to Da. In all cases, the partial pressure of all com-
onents on the shell side is very low due to the use of sweep gas.
urthermore, the differences in CO conversion (max ∼ 20%) result
n relatively small differences in H2 concentration in the tube due
o the low CO and high H2 content of the feed (Fig. 4). As a result, the
riving force for the H2 permeation is primarily affected by Pe and
ot by the Da number. The CO mole fraction in both the tube and
hell streams is affected by the value of both dimensionless num-
ers. The mole fraction of CO on the tube side decreased with Pe.
ince the membrane is H2 selective, the decrease can be attributed
o the enhancement of the reaction. The opposite is observed on the
hell side of the reactor. Based on the above, it can be concluded that
here is a pair of Da, and Pe values that maximizes CO conversion;
owever, it is not possible to identify such a pair of values that
imultaneously maximizes H2 recovery, and yH2 , and minimizes
CO. This observation indicates that a MR utilizing a membrane with
ow permselectivity values could be beneficial in terms of improv-
ng CO conversion, but is highly unlikely to provide a single high
urity H2 stream without the need for further purification.

.2. Effect of membrane permselectivity

Membrane performance as a function of membrane permselec-
ivity, for Pe = 1 and for three different values of Da, is presented
n Fig. 5. The CO conversion increased with membrane permse-
ectivity, while the opposite was observed for H2 recovery. It is
nteresting to note that high values of permselectivity resulted
n conversions higher than equilibrium even for small values of
a. As mentioned in the previous section, a highly permselective
embrane is expected to enhance conversion at smaller Da val-

es because it prevents the permeation of reactants. Furthermore,
he simulations indicate that increasing membrane permselectiv-
ty above 60 has only a slight influence on these two performance
ndicators. On the other hand, it has a pronounced effect on the H2
nd CO molar fractions on the shell side of the reactor. The purity
f the H2 on the shell side increases with permselectivity, reach-
ng values above 99%. Furthermore, the CO mole fraction on the
hell side decreases with increasing permselectivity, reaching val-
es less than 0.01%. Taking into account that for LT-PEM fuel cells
he CO concentration has to be less than 10–50 ppm, it should be

ossible to use the H2 from the shell stream directly as fuel when
he membrane permselectivity is above a certain value, which, for
he parameters of the simulations shown here, is between 100
nd 1000. For HT-PEM fuel cells, the mole fraction of CO must be
ess than 2%. The results shown here indicate that it is possible
eactor performance: (a) CO conversion and (b) H2 recovery.

to achieve this target even if membranes with relatively low H2
permselectivity values are used. Finally, it is interesting to note that
yCO on the tube side of the reactor increased with H2 permselec-
tivity when Da = 0.15. This observation is expected for a membrane
separator and it indicates that, despite the selective removal of H2,
the reaction is not fast enough to consume the remaining CO.

The results presented above assumed H2 permselectivity is the
same for all compounds (CO, CO2 and H2O). This was done for sim-
plicity. A real membrane material is expected to have different H2
permselectivity values for each component. To examine this effect,
we have varied the relative values of H2/CO and H2/CO2 perms-
electivity, considering the value of 100 as the base case scenario
(Fig. 6). When PSH2/CO was higher than PSH2/CO2

, CO conversion
was enhanced due to the selective removal of both reaction prod-
ucts. On the other hand, when PSH2/CO was smaller than PSH2/CO2

,
CO conversion decreased because a larger fraction of CO permeated
through the membrane as well as because a larger fraction of the
CO2 produced remained on the tube side of the reactor.

3.3. Effect of feed stream composition

The feed composition shown in Table 3 has been selected as
representative of a syngas reformate WGS reactor feed. One param-
eter that can be adjusted in this composition is the amount of
steam. Simulations were carried out by varying steam to CO ratio
between 1 and 4, keeping the molar ratio of the rest of the reac-
tants constant. For each composition, the equilibrium conversion,

P P
3 83.8 97.1 87.3 0.97 0.0061
2.5 80.1 96.5 88.3 0.973 0.0084
2 74.5 95.4 89.4 0.975 0.013
1.5 65.3 92.6 90.6 0.978 0.0019
1 50.0 81.3 91.6 0.98 0.0033
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Table 5
Values of CO conversion and H2 recovery for membrane reactors using an H2 selective or CO2 selective membrane, calculated using two different feed compositions.

Inlet composition [%] CO–H2O–H2–CO2 Equilibrium conversion [%] H2 selective membrane CO2 selective membrane
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T
E
P

11–38–44–7 86.3
20–20–10–50 59.3

onversion of the membrane reactor increased to 81% from 50%
equilibrium conversion of the feed composition). On the other
and, when the steam to CO ratio was 4, the conversion improved

rom 88.4% to 97.8%.

.4. CO2 vs. H2 selective membranes

Recent developments in membrane science have indicated that
t is possible to synthesize CO2 selective membranes able to oper-
te under conditions (temperature and humidity) encountered in
ater gas shift reactors (i.e. Li-glycinate polyvinyl alcohol) [8]. In

his section, we are trying to present the effect of H2 vs. CO2 permse-
ectivity on membrane reactor performance. The CO conversion and

2 recovery values presented in Table 5 have been estimated for
eactors having the same Da, and Pe, and permselectivity equal to
00. It must be noted that for the case of CO2 selective membranes,
e was calculated using the CO2 feed mole fraction and permeance.
wo feed compositions have been examined, one rich in H2 and
ne in CO2 [4]. For both compositions, H2 recovery was higher in
eactors using an H2 selective membrane. On the other hand, small
ecoveries were estimated when a CO2 selective membrane was
sed. From this perspective, utilization of CO2 selective membranes
ight be advantageous since a large fraction of the H2 product will
e located on the tube side of the reactor, with a pressure close
o that of the inlet stream. Such a configuration has the following
otential benefits: (a) There is no need for an additional compres-
or, (b) the H2 product is not diluted by the sweep gas, and (c) it is
ossible to recover the energy of this stream in a fuel cell stack.

able 6
ffect of reaction mechanism on CO conversion and H2 recovery at 623 K and 523 K, calcu
e = 1 and PS = 100.

Rate expression 11% CO–38% H2O–44% H2–7% CO2

Da H2 selective membrane CO2 selective mem

XCO [%] RH2 [%] XCO [%] RH

T = 623 K
(R1) 1.5 97.5 86.8 95.9 15
(R2) 1.5 97.6 86.6 96.5 16
(R3) 1.5 97.4 86.5 95.9 15
(R4) 1.5 97.6 86.6 96.3 16
(R5) 1.5 97.6 86.7 96.7 16

T = 523 K
(R1) 1.5 99.2 86.7 99.0 16
(R2) 1.5 99.4 86.8 99.0 16
(R3) 1.5 99.3 86.7 98.3 15
(R4) 1.5 99.4 86.8 98.9 16
(R5) 1.5 99.5 86.8 99.2 16

T = 623 K, m = 0.1 g
(R1) 1.5 97.5 86.8 95.9 16
(R2) 0.20 97.2 86.4 94.8 15
(R3) 66.5 97.7 86.8 96.7 16
(R4) 39.9 97.7 86.8 96.7 16
(R5) 0.27 97.6 86.7 96.1 16

T = 523 K, m = 0.1 g
(R1) 0.23 96.3 85.1 85.3 15
(R2) 0.11 98.8 86.3 96.2 15
(R3) 0.52 98.9 86.4 96.4 15
(R4) 1.18 99.4 86.9 98.8 16
(R5) 0.013 99.1 86.5 96.9 15
XCO [%] RH2 [%] XCO [%] RH2 [%]

98 87 95.9 2.4
75 75 83.2 3.7

When the H2 content of the feed stream was higher than that
of CO2, the maximum conversion was obtained using an H2 selec-
tive membrane. The opposite was observed when the CO2 content
of the feed was higher than that of H2. This result was expected
because CO2 and H2 have equal stoichiometric coefficients in WGS.
Furthermore, unless the concentration of either H2 or CO2 is equal
to zero, the reversible reaction will take place with a rate propor-
tional to the product of the partial pressures of both components.
The removal rate, due to permeation, of each component from the
tube side of the reactor is proportional to the corresponding partial
pressure difference between the tube and shell side of the reactor.
As a result, when the concentration of H2 (or CO2) in the feed is
small, the driving force for H2 permeation will also be small, even
if the membrane is H2 permselective. Thus, it will not be possible to
achieve high removal rates along the reactor tube. Consequently,
the maximum removal of products is achieved when membranes
that are permselective to the component (H2 or CO2) with the high-
est concentration in the feed are used.

3.5. Effect of reaction mechanism

To examine the effect of the different reaction mechanisms,
shown in Table 2, on the MR performance, simulations were car-

ried out using CO2 and H2 selective membranes for two different
feed compositions (shown in Table 5), at two temperatures (623 K
and 523 K). Each of the rate expressions shown in Table 2 corre-
sponds to a catalyst with different activities. In order to compare
the results, it is desired for all simulations to have the same value

lated using two different feed compositions. All simulations were carried out using

20% CO–20% H2O–10% H2–50% CO2

brane Da H2 selective membrane CO2 selective membrane

2 [%] XCO [%] RH2 [%] XCO [%] RH2 [%]

.6 1.5 79.1 84.0 82.2 3.0

.1 1.5 79.8 84.4 82.8 3.2

.9 1.5 79.3 84.3 81.9 3.1

.1 1.5 79.8 84.4 82.8 3.2

.2 1.5 80.1 84.4 83.1 3.3

.4 1.5 87.0 84.5 90.4 3.2

.5 1.5 89.6 84.8 91.7 3.5

.6 1.5 88.9 84.7 90.8 3.2

.1 1.5 89.8 84.8 91.8 3.5

.2 1.5 90.0 84.8 91.9 3.5

.1 1.44 78.9 84.3 82.2 3.2

.8 0.16 72.9 83.4 79.8 2.9

.4 9.59 80.0 84.4 83 3.3

.4 8.13 80.0 84.4 83.2 3.2

.3 0.15 80.0 84.4 83 3.3

.6 0.04 57.9 82.0 73.3 2.6

.6 0.08 65.8 82.5 82.7 2.7

.7 0.61 85.5 84.3 87.6 3.0

.3 0.25 88.6 84.8 91.2 3.3

.8 0.015 77.7 83.3 86.2 2.8
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f Da at the reactor feed. This was achieved by adjusting the
ass of the deposited catalyst. The results presented in Table 6

learly indicate that different reaction mechanisms resulted in only
light differences in XCO and RH2 for each feed composition and at
ach temperature tested. This result might seem counterintuitive.
imulations carried out assuming an impermeable tube wall (con-
entional reactor) have shown that under the conditions examined
ll catalysts have reached the equilibrium CO conversion at less
han 50% of the reactor length (Fig. 7). However, the axial position
here the equilibrium conversion was reached was different for

ach rate expression. Furthermore, the MR simulations have shown
hat the XCO axial profile is affected by the reaction rate expression
nly close to the reactor entrance. Then, for all mechanisms tested,
t approached a similar value. This observation indicates that, once
he composition on the tube side is close to the equilibrium, the
eaction rate is primarily affected by the value of (1 − ˇ) in the
enominator, which has a value close to zero. XCO and RH2 calcu-

ated without adjusting the catalyst mass are also shown in Table 6.
n that case Da varied between 0.15 and 66.5 at 623 K and between
.013 and 1.18 at 523 K. The variations among calculated XCO were
igher than those observed when Da was kept constant. The biggest
ifferences were observed at 523 K as a result of the low Da values
alculated at this temperature.

Ma and Lund [1] have also carried out simulations of WGS mem-
rane reactors and they have concluded that it is more important
o synthesize improved catalysts for the high temperature WGS
ather than improving the membrane’s material performance. They
ave reached their conclusions taking into account the issue of CO2

nhibition. However, in their study they have used parameters for
d membranes that allow only H2 permeation (infinite permselec-
ivity). Our study indicates that if membranes with finite H2 (or
O2) permselectivity are used, there is an optimum value of Pe that
aximizes the reactor performance. Furthermore, the issue of CO2

nhibition can be addressed by utilizing CO2 selective membranes,
ndicating that there is still room for research towards improving

embrane material performance.
.6. Effect of sweep gas

Finally, the effect of using a sweep gas on the shell side of the
eactor has been examined for a reactor operating at 623 K with

ig. 7. Effect of reaction mechanism on CO conversion as a function of the reactor
ube length (for all simulations, Da = 1.5, Pe = 1, and PS = 100).
Fig. 8. Effect of sweep flow rate on CO conversion and H2 recovery. Simulations
were carried out at 623 K, using Da = 1.5, Pe = 1 and PS = 100.

Da = 1.5 and Pe = 1, and permselectivity equal to 100. As seen in
Fig. 8, both XCO and RH2 increase with the flow rate of the sweep
gas, approaching a constant value. Sweep gas has a significant effect
on the reactor performance because it reduces the partial pressure
of all components on the shell side of the reactor and enhances
the permeation fluxes of all components. However, even though
the utilization of a sweep gas is useful for evaluating a membrane
reactor in lab scale experiments, it is not beneficial for industrial
applications because an additional component is added to the sys-
tem. Similar partial pressure differences between the tube and
shell sides of the reactor can be achieved by either applying vac-
uum to the shell side of the reactor or by increasing the feed total
pressure. Both of these operating modes are alternatives that can
be applied to an industrial or pilot scale WGS membrane reac-
tor.

4. Conclusions

The effect of WGS membrane reactor design and operational
parameters on its performance has been studied by simulating
the operation of an isothermal tube–shell reactor. In all cases the
membrane performance was enhanced when a sweep gas was
used on the shell side of the reactor. For all set values of reac-
tion and permeation rates tested, CO conversion increased with
membrane permselectivity. However, the most pronounced effect
was observed for permselectivity values up to 60. Further increase
of permselectivity resulted in only a slight improvement of CO
conversion and H2 recovery, however it increased the purity of
the H2 rich stream. When H2/CO was higher than H2/CO2, the CO
conversion was further improved due to the selective removal of
both reaction products. For membranes with low permselectiv-
ity values (∼10) it is shown that the maximum CO conversion is
achieved when Da is almost equal to Pe. Utilization of such mem-
branes in a membrane reactor can lead to enhanced conversions
compared to conventional reactors, however they cannot provide
a high purity H2 stream without the need for further purification.
The utilization of CO2 selective, instead of H2 selective, mem-
branes could improve CO conversion only if the CO2 content of the
feed is higher than that of H2. However, such configuration has
the advantage that the larger fraction of the H produced will be
2
located on the high pressure tube side of the reactor. Finally, simu-
lations using rate expressions that correspond to different detailed
reaction mechanisms have shown only slight differences in CO con-
versions.
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Nomenclature

Areamembrane the membrane area [m2]
Da Damkhöler number
Di,j diffusion coefficient of gases i and j
Fi molar flow rate of component i [mol s−1]
Ftube

i
, Fshell

i
molar flow rate of component i on the tube and

shell side [mol s−1]
Fpermeate

i
, Fretentate

i
molar flow rate of component i on per-

meate and retentate side [mol s−1]
Ffeed

o inlet feed molar flow rate [mol s−1]
Ftube

o,i
inlet molar flow rate in the tube [mol s−1]

Fshell
o,i

inlet molar flow rate in the shell [mol s−1]

K reaction rate constant [mol s−1 m−2 kPa−2]
Keq WGS equilibrium constant
Ki adsorption constant of component i
L reactor length [cm]
mcat mass of the catalyst [g]
Ptube, Pshell the feed pressure on the tube and permeate side

[kPa]
Pin inlet feed pressure [kPa]
Pe permeation number
Per Peclet number for tube and shell side
PSi/j membrane permselectivity
R the ideal gas constant [atm cm3 mol−1 K−1]
Qi membrane permeance of component i

[mol m−2 s−1 kPa−1]
ri reaction rate [mol s−1 g−1

catalyst]
ro reaction rate at the reactor entrance

[mol s−1 g−1
catalyst]

RH2 hydrogen recovery
rk the equivalent diameter of the annular orifice [cm]
rsupport the diameter of the membrane tube [cm]
S the cross-sectional area of the tube or the orifice

[cm2]
T the temperature [K]
û the average velocity on the feed side [m s−1]
ûp the average velocity on the permeate side [m s−1]
XCO CO conversion
yi molar fraction of species
z axial coordinate [cm]

Greek letters
�Pi trans-membrane partial pressure difference of com-

ponent i [kPa]

�mix viscosity of mixture [g cm−1 s−1]
� two-phase mass transfer time [
brane Science 350 (2010) 378–386
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