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STEADY STATE AND DYNAMIC MODELLING
OF A PACKED BED REACTOR FOR THE

PARTIAL OXIDATION OF METHANOL
TO FORMALDEHYDE

I. MODEL DEVELOPMENT

LARRY C. WINDES,:j: MARVIN J. SCHWEDOCK,t
and W. HARMON RAY§

Department of Chemical Engineering
University of Wisconsin

Madison, WI 53706

(Received March 10, 1987; in final form June 7, 1988)

Several levels of mathematical models involving one and two dimensions as well as single and multiple
phases are used to predict the steady state and dynamic behavior of a packed bed reactor for the
partial oxidation of methanol to formaldehyde. Parametric sensitivity is examined for several heat and
mass transfer parameters, kinetic parameters, and operating conditions. Yield is compared for various
models, and significant differences are observed between the one-dimensional and two-dimensional
models. The dynamic behavior after step changes in the operating conditions is found to be
qualitatively similar for different models.
KEYWORDS Packed bed Model Partial oxidation Formaldehyde.

INTRODUCTION

The tubular packed bed reactor presents a challenging problem for accurate
modelling and control. The detailed model is extremely complex due to the large
number of heat, mass, and momentum transfer processes occurring in the reactor.
The randomly packed bed of catalyst particles with the fluid flowing around them
adds an element of uncertainty to any model, and makes exact mathematical
modelling of each catalyst particle impossible. Some difficult factors in developing
a good dynamic model for the reactor are:

1. the multi-dimensional distributed configuration,
2. the two-phase nature of the reactor bed,
3. the non-linear dependence of the rate of reaction on temperature,
4. the non-uniformity of the packing and the flow through it,
5. the uncertainty of several of the heat and mass transfer parameters,
6. parameters that vary depending on the location within the reactor bed.

In addition, many chemical species are often present with reactions represented

t Present address: Unocal, Science & Technology, Brea, CA 92621.
t Present address: Tennessee Eastman Co., Kingsport, TN 37662.
§ Author to whom correspondence should be addressed.
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2 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

(1)

by complex kinetic expressions having time-varying rates due to catalyst
deactivation.

By considering the reactor as a continuum, partial differential equations can be
written to account for a large portion of the known phenomena. However, some
simplifications must be made before a computational solution faster than real
time is feasible. The model must be simple enough so that unknown parameters
can be elucidated by appropriate experiment and also accurate enough to indicate
the maximum hot-spot temperature and product yield. The present study is
distinct from earlier work in that it is concerned with situations where packed bed
dynamic behavior has a strong effect on selectivity and product yield. Our goal is
a sufficiently realistic reactor model which can be incorporated into a model
based control system which includes on-line yield optimization. The results given
in this paper can be readily generalized for other packed bed reactors with
moderately exothermic reactions.

A rather general complex mathematical model has been developed which
allows for a large degree of flexibility in simplification for specific applications.
This versatile reactor simulator is designed to:

1. evaluate the relative importance of various simplifying assumptions,
2. accurately represent results of real reactor experiments,
3. be solved quickly enough to be used in conjunction with real time state

estimation and control programs.

Packed bed reactor models described in the literature have usually been
substantially simplified at the outset, and few direct comparisons between
different types of models have been made. In this work we use our general model
to predict the behavior of experimental reactors and then compare the perfor
mance of various simplified forms of the model in realistically simulating the
reactor. In the sequel (Part II) we describe detailed comparisons of our model
with data from a pilot scale reactor in our laboratory.

EXPERIMENTAL SYSTEM STUDIED

To give the reactor modelling study greater practical importance, a reaction
system of industrial significance has been selected. The pilot plant reactor will
carry out the partial oxidation of methanol to formaldehyde over a commercial
iron-oxide/molybdenum-oxide catalyst. Two major technologies exist for the
direct oxidation of methanol with air to produce formaldehyde:

1. The older process based on a silver catalyst, in which the feed is on the
methanol-rich side of a flammable mixture,

2. The newer process used in this study based on an iron-oxide molybdenumo
xide catalyst with the feed on the methanol-lean side of a flammable mixture.

The principle reaction is

CH30H + !02~ CH20 + H20 (-~H) = 37.9 kcal/mol

D
ow

nl
oa

de
d 

by
 [

U
ni

ve
rs

ity
 o

f 
C

hi
ca

go
 L

ib
ra

ry
] 

at
 1

1:
19

 0
2 

O
ct

ob
er

 2
01

4 



PACKED BED REACTOR MODEL 3

Carbon monoxide is produced in an undesirable consecutive reaction by the
partial oxidation of formaldehyde:

CH20 + !02~ CO + H20 (-dH) = 55.7 kcal/mol (2)

These reactions take place at atmospheric pressure and at 250-400°C. The typical
reactor has many tubes of -1 m in length and 15-25 mm in diameter, and the
exothermic heat of reaction is removed by means of a coolant on the outside of
the reactor tube. The reactor modelling in this study will consider a single reactor
tube as shown schematically in Figure I.

For a range of the operating conditions, the methanol reaction is limited by
diffusion in the catalyst pores, and the observed activation energy of the
secondary reaction (2) is higher than for reaction (1). Because of this ratio of
activation energies and the high conversion of methanol, there exists an optimum
temperature for the maximum yield of formaldehyde from the reactor. As part of
the practical part of this study, we shall seek to optimize the reactor with respect
to the manipulated variables which control the operation. For the experimental
system under study these are:

I. coolant or wall temperature, Tw : -250°C
2. feed temperature, T,: -250°C
3. feed mole fraction methanol, Yi: -0.05
4. flow rate, m: -lAg/sec; G: -2.5 kg/rrr scc

Let us now develop the reaction kinetics to be used. The catalyst is an
unsupported Fe20rMo03 mixture in a weight ratio of 20: 80. The conclusion from
most of the reported research on the mechanism of methanol oxidation is that the
reaction proceeds by a redox mechanism (Dente et al., 1964; Jim et al., 1964;
Machiels and Sleight, 1982; Machiels, 1982). This model was originally proposed
for the oxidation of aromatic hydrocarbons on vanadium oxide catalysts (Mars
and Van Krevelen, 1954) and has not been qualitatively modified. Methanol
reacts with a lattice oxygen to produce formaldehyde, and simultaneously vapor

PACKED BED PARTIAL OXIDATION REACTOR

c, ~

INLET:

Methanol

Excess air

CATALYST:
IRON OXIDE

1l0lYBIlENUM OXIDE

OUTLET:

Formaldehyde

Methanol
Corbon monoxide

Air

FIGURE 1 Schematic of packed bed reactor.
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4 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

(3)

phase oxygen replaces the lattice oxygen. The two-step redox mechanism is:

I. methanol + oxidized catalyst~ formaldehyde + reduced catalyst

2. reduced catalyst + oxygen~ oxidized catalyst

Strong evidence for an oxidation-reduction mechanism is that small amounts of
methanol can be oxidized in a pulse reactor without the presence of oxygen if the
catalyst has been previously oxidized.

If the rates of these two reactions are equated and some algebraic manipula
tions performed, the rate of oxidation of methanol in terms of partial pressures of
the reactants and surface-adsorbed species is:

R ktP';,kop~ ( 1 ) kIP';, m
M= --+ PM

NkIP';,+kop~ I+EKjpj (Nk t)
j 1+ --n

koPo

Although numerous complex kinetic schemes may be formulated (for example,
Jiru et al., 1966), there is not sufficient data available to determine large numbers
of constants. Thus, a simpler rate is not necessarily accurate mechanistically, but
it can provide a good fit to data (Dente and Pasquon, 1965; Jiru, et aI., 1966;
Pernicone et al., 1969; Santacesaria et al., 1981). A major simplifying assumption
in the final form of Eq. (3) is that no products or reactants adsorb on the surface
of the catalyst. Some studies have shown that water (Pernicone et al., 1968),
formaldehyde (Jiru, et al. 1966), and methanol (Bibin and Popov, 1969) are
adsorbed and consequently limit the fraction of surface available for the redox
reaction. The modified reaction rate is proportional to the available fraction of
catalyst surface. However, only water adsorption has been considered in
quantitative detail (Santacesaria et al., 1981), and only runs with excess water in
the feed required the adsorption term to adequately fit the data. Water
adsorption is of importance only at low temperature below 240°C when the
overall rate is small. Since our experiments did not include excess water in the
feed, water adsorption was not considered in kinetic parameter identification.

There is disagreement in the literature concerning the correct values of the
reaction order (the constants m and n in the rate expression). An overview of the
literature indicates that the order with respect to oxygen is either 0 or !. Since
oxygen is in large excess, the quantity p,I,/2 is approximately constant so that the
reaction order with respect to oxygen is not important to the overall rate, and the
best approximation for N /pi,/2 was found to be unity. The order with respect to
methanol is chosen by the values which give the best fit to data, and results of
various studies have given orders of either! or 1. Data from our reactor gave a
considerably better fit for m = !.

Under these assumptions, the final rate expression for methanol oxidation is:

k p l /2R - I M
M -1 + K p l /2

a M
(4)
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where

PACKED BED REACTOR MODEL 5

(
Nk , )

K; = koPo

and the ratio of kinetic constants must be' identified through experiment. Some
authors have indicated that k, - ko (Dente et al., 1964; Jiru et al., 1966), and a
recent study has fitted data to give values of both k 1 and k« (Santacesaria et al.,
1981). From our experimental studies, we have estimated values for the kinetic
parameters k , and K; of Eq. (4), where

k, =A, exp(-E,/RgT)

K, = Nk,/kopb!2 = A a exp( -Ea/RgT)

and these parameters are given in Table I.
The most important secondary reaction in the oxidation of methanol is the

subsequent oxidation of formaldehyde to carbon monoxide and water. Few
authors have presented a kinetic model for this reaction on this type of catalyst.
The most extensive treatment considers diffusion within the catalyst pores and the
reaction rate is assumed to be a power law expression in terms of the partial
pressures of formaldehyde and oxygen within the interior of the catalyst (Dente

TABLE 1

System parameters

L=0.7m
Pinlct = 1.55 atm
Poutlet = 1.3 atm

order=0.5
A, = 6250
A 2 = 5.6
E, = 19000callmole
£2 = 16000cal/mole

A. Reactor
flow= 1.4£-3 Kg/s
G = 2.52 Kg/m2_s

Re = -300
F = (GCplr = 2400J/m'-s-K

B. Catalyst
p, = 2000 Kg/rn:'
E = 0.57
J;=O.460cm
d, = 0.537 em
d, = 0.284 em
d" x d, x Ip = 4.3 x I. 7 x 3.5 mm

C. Dimensionless Parameters
Bi. = hr, dxl2A = I; Bi m = km dxl2D, = 175
Pe;,= Pe;z= FdJks = 50
Pe., = Fr.lk, = ISO; Pe., = Fl.lk, = 8000
Pe., = Fd.lk" = 8.6; Pei, = Fr,lk" = 25
Pe~'=..". d,lkf , =_10.4;.Per,=!r,lkr, = ~O
Pe., - F d.,lk" - 0.44, Peh' - FLlk" - 68
Per, = Fd.lkr, = 2.0; Per, = FLlkr, = 300
Pe:n, = v dc/Dr = 6.6; Pem, = ur,/Dr = 19
Pe;", = V del D, = 2.0; Pem, = vLID, = 300
Bi.r = h.f',/kr, = 5.5; Bi., = h.,r,/k, = 5.5
Bi. =h.r,/k" =5.5.
Sim = S"Lkmlv = 74; SI. = S"Lhr,IF = 90
Le = (pCpl,f(pCplr = 1350

r, = 0.0133 m
Eo = 0.5
Po = 1000Kg/rn'

A =27
£: = 2000callmole
tortuosity = 2
D, = 0.049cm2/s@600K

S" = 1050m2/m'
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6 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

and Collina, 1965):

(5)

However, our experiments indicate that a redox expression of the form of Eq. (3)
gives a correct fit to data. By considering the selectivity of consecutive reactions
(Wheeler, 1957), approximating surface concentrations by those in the gas phase,
and using the value n' = 0 (because of large excess oxygen), the redox rate
expression becomes:

(6a)

where the partial pressure of formaldehyde, PF, may be calculated by difference
as

(6b)

An activation energy of 16 Kcal/mole was used to successfully represent
experimental data (Schwedock, 1983).

DYNAMIC REACTOR MODELS

Dynamic models are the basis for control studies and the examination of transient
phenomena such as traveling waves and undamped oscillations. By contrast,
steady state models have usually been used for reactor design, fitting kinetic data,
and model verification or selection. Much early reactor modelling was limited to
steady state reactor behavior, because addition of the time "dimension" caused
considerable complications. However, accurate dynamic models are currently
much more tractable due to improvements in numerical methods and computers.
Earlier work on simulation of packed bed reactor dynamics and studies in which
reactor experiments were compared with the mathematical model have been
summarized elsewhere (Windes, 1986).

In the general case for spherical particles in a cylindrical reactor, the partial
differential equations are written in terms of three space variables and time. They
are:

Solid:

1 a ( aT..)+ k,,~ ar ra: + (1 - Eb)( -{)"H)R'(c" T,.)

(7)

(8)
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Fluid:

mass:

heat:

PACKED BED REACfOR MODEL

aCt a2Ct 1 a (aCt) a(Ctv)E -= D -+D -- r- ---+S k (c -Ct)
b at Z az2 r r ar ar az v m u

7

(9)

(10)

Some simplication of these equations is required before computation. Classifica
tion of the relevant equations for various types of mathematical models and a
discussion of their development has been presented in several reviews (Amund
son, 1970; Karanth and Hughes, 1974a; Froment, 1972; Hlavacek, 1970;
Carberry, 1981) and in standard reaction engineering texts.

The wide range of mass and energy transport phenomena in the typical packed
bed catalytic reactor is divided into three categories depending upon the size scale
in which it occurs:

1. kinetics of adsorption and chemical reactions which take place within the pores
of the solid catalyst;

2. mass and energy transport within the interior of the catalyst pellet and
between the solid and fluid interface;

3. reactor scale heat transport in the solid and fluid phases, mass and momentum
transport in the fluid phase.

In order to provide an efficient dynamic model acceptable for real-time
computation it is desirable to separate these three categories and attack each one
individually.

Modelling the Adsorption/Reaction Phenomena

For this reaction system, it is known that the dynamics of adsorption and
desorption are fast relative to the other time scales. Thus the quasi-steady state
may be applied and overall kinetic rate expressions, Eqs. (4,6), may be used.

Modelling the Single Catalyst Particle

A separation of the single catalyst particle reaction-diffusion problem from the
overall reactor model is an important simplification. This means that a quasi
steady state effectiveness factor can be calculated which is dependent only on the
local reactor concentration and temperature. This separation is readily accompl
ished when

(i) the catalyst particle has no significant internal temperature gradients (isother
mal particle)

(ii) the dynamics of gas phase diffusion in the catalyst particle are fast relative to
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(11)

(12)

8 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

thermal transients (quasi-steady-state concentration profiles in the catalyst
particle)

Both of these assumptions are valid for the present reaction system (and are
usually valid in general). Note that only the main reaction (1) is subject to
diffusion limitation; the secondary reaction (2) is relatively slow, does not rely on
diffusion to supply its reactant, and is not strongly influenced by diffusion.

The resulting reaction-diffusion problem is considered separately off-line, and
an effectiveness factor analysis has been developed to accurately incorporate
these results into reactor simulation. Because of the complexity of the reaction
rate expression, no analytical solution is available relating the effectiveness factor
to the Thiele modulus. Various asymptotic and approximate results were
investigated, but none gave results of the desired accuracy, especially in the case
when the catalyst temperature rise was not known. Therefore, the mass and
energy balance equations for the catalyst are solved numerically by orthogonal
collocation to provide effectiveness factor charts for the catalyst.

The dimensionless equations for a single reaction (methanol oxidation) with
one independent component (methanol) assuming constant effective thermal
conductivity and constant effective diffusivity in a porous catalyst particle are:

ae 1 a ( 2 ac) 2' r
aT:

p
= x2 ax x ax - <p (Cr, Tr)R(c, 0)

se 1 a ( 2 ao) 2"Le; - =2- x - + fJ<P (cr. Tr)R(c, 0)
aT:p x ax ax

with boundary conditions at x = 1:

ac- = Bim(l- cu)
ax

(13)

(14)

where the symbols are defined in the Nomenclature. The geometry of the Fe/Mo
catalyst particle in the reactor is a Raschig ring-a cylinder with a hole along the
axis. Since this geometry would be difficult in computations, the particle is
considered to be an "equivalent" sphere with diameter which maintains the
same volume to surface ratio. After making the simplifications of isothermal
pellet and pseudo-steady state catalyst particle concentration profiles mentioned
above, the catalyst particle equations become:

1 a ( 2 ac) 2(' ') ( )2- x - - <p cr, Tr R c, Tu = 0
x ax ax

Bih(I - Tu) + (JqJ2(ci, Ti)E2!'Y(PM)X 2dx = 0
()

(15)

(16)

where Y(PM) is dimensionless partial pressure. The method of orthogonal
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PACKED BED REACfOR MODEL 9

(17)i= 1, NP

collocation applied to this this problem is discussed by several sources (Hansen,
1971; Finlayson, 1972, 1974; Villadsen and Michelsen, 1978).

The equations which must be solved numerically are:
NP

L Bc.ikCk + q, - ep2(cf' T;')E2y; = 0,
k=1

NP

3Bih(1 - TJ + fJep2(C;', T;')E' L WkYk = 0
k=l

(18)

The surface partial pressure YN P + 1 has been eliminated by algebraic substitution
of the collocated form of boundary condition (13), and the interpolation weights
(Wk ) modified accordingly. The boundary concentration (cu ) is an explicit
function of the concentrations at the interior collocation points. From these
equations the effectiveness factor, TJ, may be calculated as:

TJ =R'(c;', T;')
(19)

The effectiveness factor cannot be expressed as a unique function of the Thiele
modulus because of: (i) the complex redox kinetics expression for the dependence
of rate upon partial pressure, (ii) the temperature rise in the external boundary
layer of the pellet. Instead, the effectiveness factor is given as a two-dimensional
mapping as a function of two of the three parameters rep, T', PM!)' Alternatively,
some other quantity <p could be used which would collapse all curves to TJ = f(;P).
However, in our work we found that TJ = TJ(ep, PM) worked quite well. To
illustrate, Figure 2 shows plots of the effectiveness factor versus Thiele modulus
at constant partial pressure in the fluid. A lower bound of effectiveness factor
occurs as PM becomes small. In addition, the effectiveness factor is found to be a
linear function of partial pressure at constant Thiele modulus. Thus, knowing the

40302010o

~
,\
\\

1- \,

\\

"II.'
~:\....:~~:>"

'\? , ..........
t-,

~.~::~~~::.. 4-.......-
~~:::_::::::::~~ -- 3

1 .::::::::....?.
0.0

gs 0.8
>o«
u, 0.6
Ul
Ul
ur
Z
~ 0.4
;:::
o
ur
u. 02
u,
ur

1.0

THIELE MODULUS

FIGURE 2 Effectiveness factor versus Thiele modulus. Based on fluid conditions. Lines represent 4
different methanol gas phase partial pressures (atrn). (I) - 0.002; (2) .... 0.02; (3) . - . - 0.04; (4)
--- 0.06.
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(20)

10 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

effectiveness factor, TJ, as a function of Thiele modulus cP, at two separate partial
pressures allows calculation of TJ for all fluid phase temperature and methanol
concentrations.

The procedure is efficiently accomplished by the following steps:

I. At a low value of bulk gas partial pressure PM' (curve 1 of Figure 2) an
empirical formula TJ* = f(CP) is needed. However, f(CP) is a high order polyno
mial, and a functional form suggested by an analytical solution for the
effectiveness factor in an ideal case is more efficient. TJ * is represented in terms of
a modified Thiele modulus CP* using the solution for a first order reaction in an
isothermal spherical pellet:

3
TJ* = (cp*)2 [CP* coth CP* -1]

The modified Thiele modulus cp*, introduced to account for deviations from the
ideal first order case in Eq. (20), is defined to be a polymial function of the actual
Thiele modulus:

(21)

The constants are determined to minimize the least squares error between TJ *

predicted by Eq. (20) and the numerical collocation solution for TJ vs. cP at PM'
computed by Eqs, (17-19).

2. The influence of changes in bulk gas phase methanol partial pressures, PM,
upon the effectiveness factor can be found for the relevant range of PM values
PM' SPM sp;" by the empirical formula:

(22)

Here the parameter D* is the rate of change TJ vs. PM and is a function of cp. D*
is determined by computing TJ numerically using Eqs. (17-19) at P;" (high partial
pressure), and then solving Eq. (22) for D ", By repeating this calculation at
several values of Thiele modulus and constant P;", D* can be correlated as a
closed-form function of cP from the regression equation

(23)

where the parameters, Dj , i = 1, ... , 5, are found from a least squares fit of Eqs.
(22,23) to the numerical collocation solution (17-19) for TJ.

This method is dependent upon the observation that the effectiveness factor is
effectively linear in partial pressure at constant Thiele modulus, but is found to be
a good method for obtaining a rapidly computable form relating reactor
conditions to the observed reaction rate when intrinsic kinetic parameters are
known.

THE PACKED BED REACTOR MODEL

Incorporating the effective reaction rate expression into the general model gives
the following dimensionless equations for methanol, carbon monoxide, fluid
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PACKED BED REACfOR MODEL

temperature, and solid temperature:

energy (fluid):

1 02~ a 1 a (O~) et;0=--+--- r- --+St (7: - T.)
Pe., OZ2 Per,r or or oz ns:»» r

energy (solid):

et; 1 02T, a 1 a ( aT,) -
Le-=--~+--- r-· -St,,(~-T,)+(l-£,,)BRRe

aT:, Pe., oz Pe.; r or or

Boundary conditions:

o~ .
r = 1 -= Blwr(Tw-~)or

aT, = Biw,(Tw- T,)
or

oY
z =0 -= Pemz(Y - »)

oz

o~= Perz!(1 + a)(~ - T,) = 1J!o(~ - T,)
oz

aT,
oz = lIo(T, - T,)

z = 1 oy = 0
oz

11

(24)

(25)

(26)

(27a)

(27b)

(28a)

(28b)

(28c)

(29a)

(29b)

(29c)

where a and 110 are parameters accounting for radial transport at the inlet and
exit (which is similar to the approach of Young and Finlayson, 1973)

(30)

(31)
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12 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

and the dimensionless quantities are defined by

tvo
1" =

r L
•c·

c·=_J
J CMo

y'
y;=_J

YMn

T = T;
s 1;,

z·
z=-

L

r'
r=

r,

L
a=

r,

B
. _ hwsr,
lws - k

sr
(32)

Da = T/oRM(po, 1;,)L= T/oRM(po, 1;,)LMw

CoVo Go

Le = (1 - Eb)(pCp)svo= (I - Eb)(pCp)s
(pCpv)f Pr.,Cpf

Note that all equations involving the fluid phase are considered to be at
pseudo-steady state, since the thermal time constant of the solid is approximately
ISOO times greater than the.fluid time constants. A commonly used simplification
is to consider the entire reactor as a continuum with appropriately averaged
properties. This results in a one phase or pseudohomogeneous model, which
contrasts to the two phase or heterogeneous model described above. The
pseudohomogeneous model has advantages that (i) only one temperature
equation must be solved, and (ii) the parameters for the heat transfer properties
of the solid and fluid which are difficult to identify separately in the heteroge
neous model are more conveniently lumped into overall properties in a one phase
model.

To compare the one and two phase models one must:

I. match the heat transfer parameters so that effective heat transfer is equivalent
(Dixon and Cresswell, 1979),

2. use the appropriate effectiveness factor functions, either one based on the
solid phase temperature for the heterogeneous model, or one for the
pseudohomogeneous model based on the fluid temperature with a built-in
steady state catalyst temperature rise.

Both the one and two phase models may be either one or two dimensional
depending upon whether or not radial gradients are considered. Also, axial
conduction and dispersion terms may either be considered or omitted. Considera
tion of all these possibilities gives a hierarchy of models as shown in Figure 3.
Determination of the appropriateness of these models depends upon comparison
by simulation, comparison with experimental results, and/or a priori selection
and evaluation of parameter values.
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PACKED BED REACfOR MODEL

GENERAL MODEL

13

TWO-
ISOTHERWAl DIWENSIONAL
F'FECTIVENESS HETEROGENEOUS

fACTOR WODEl
TWD

DIWENSIONAl
PSEUDO

HOWOGENEOUS
WODEl

SURfACE
RESISTANCE

SINGLE
PARnCLE

WODEl

FIGURE 3 Hierarchy of reactor models.

PARAMETER SELECfION

There are far too many parameters influencing a packed bed catalytic reactor to
allow completely empirical parameter estimation. Values of some parameters
must be selected through correlations found in the literature. A priori estimation
of all the reactor parameters has been carried out in order to:

1. determine which important parameters could not be easily estimated and had
to be determined experimentally,

2. provide a qualitative prediction of the reactor behavior before construction
was completed,

3. assess the feasibility of eliminating experimental work at the design stage
through a priori computer simulation.

The first two of these goals were accomplished, and the simulation provided
excellent qualitative prediction of reactor performance. However, the uncertainty
of crucial parameters such as kinetic rate constants and radial heat transport
made precise a priori simulation impossible in this case. Some experimental
identification of parameters was necessary to supplement those obtained from
correlations. It appears that at least one experimental stage in scale-up is still
required for good quantitative model development. Since the introduction of
powerful numerical tools such as orthogonal collocation for solving this type of
non-linear boundary value problem, the problem of obtaining accurate parameter
values (rather than the task of solving the equations with speed and accuracy) is
the limiting factor in improvement of packed bed reactor models.

The model parameters can be divided into four categories:

1. Kinetic parameters as discussed in a previous section.
2. Heat and mass transfer in the catalyst particle-conductivity, diffusivity, and

interphase transfer. These parameters are estimated through correlations
found in the literature.

3. Heat and mass transfer in the packed bed reactor: a) conductivity and
diffusivity in the radial and axial direction in the solid and fluid phases, and b)

D
ow

nl
oa

de
d 

by
 [

U
ni

ve
rs

ity
 o

f 
C

hi
ca

go
 L

ib
ra

ry
] 

at
 1

1:
19

 0
2 

O
ct

ob
er

 2
01

4 



14 t.c. WINDES, M.J. SCHWEDOCK AND WJ-i. RAY

heat transfer at the wall of the reactor. Radial heat transfer and wall heat
transfer have been estimated experimentally.

4. Dynamic parameters involving characteristic times for various processes. The
ratio of solid to fluid thermal capacitance determines the rate of change of the
temperature.

A listing of the various parameter values used in simulation is given in Table 1,
important correlations are listed in Appendix A, and a detailed discussion of how
these parameters may be estimated is provided by Windes (1986).

Mass transfer occurs through mixing of the fluid elements since molecular
diffusion has a negligible effect. Heat transfer includes conduction in the solid
phase and conduction and dispersion in the fluid phase. The heat transfer is often
expressed in terms of a stagnant thermal conductivity and a dynamic, flow
dependent contribution which is due to fluid mixing effects. Although this
partitioning is convenient experimentally, the individual components related to
each phase must be determined for use in a heterogeneous model.

Radial and axial solid phase conductivity Since the catalyst is randomly packed,
the bed of pellets is assumed to have the same conductivity in the radial and axial
directions. This parameter is independent of flow. The most extensive treatment
and the only consideration of hollow cylinders has been the geometric model of
Schlunder and co-workers (Schlunder, 1978; Bauer and Schlunder, 1978b). The
solid phase conductivity depends upon the conductivity of each pellet, radiation,
pressure, area of surface contact, particle shape, and influence of the wall. After
considering several additional correlations (e.g., DeWasch and Froment, 1972)
the effective solid conductivity was taken to be approximately five to six times the
molecular conductivity of the gas, yielding a solid Peclet number Pe, of 50.

Fluid phase radial thermal conductivity For reactors cooled at the wall, the
radial thermal conductivity is one of the most important parameters, and the
majority of radial heat transfer takes place in the fluid phase. The mechanisms for
fluid phase heat transfer are the molecular conductivity of the gas, radiation
between voids, and dispersion of thermal energy due to the mixing of fluid
elements. The most detailed model of these phenomena correlates experimental
data with particle shape and reactor/particle diameter ratio (Bauer and Schlun
der, I978a). Hollow cylinders give a large improvement in radial mixing and long
cylinders with thin walls are the most effective, with observed improvements of as
much as 1000%. However, the packed bed in this study exhibited lower radial
heat transfer than predicted by the correlations of Bauer and Schlunder.

Effective radial thermal conductivity The effective radial thermal conductivity
is given as a combination of static and dynamic contributions or as the sum of
the solid and fluid effective conductivities. These components have been calcu
lated in the previous two sections, and the overall value can be obtained by
addition of the reciprocal Peclet numbers (Kulkarni and Doriaswamy, 1980;
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Schlunder, 1978).

PACKED BED REACfOR MODEL

1 1 1
-=-+-
Pe~r Pel' re;

15

(33)

(34)

A more detailed representation includes the interphase heat transfer and the heat
transfer between the fluid and the wall (Dixon and Cresswell, 1979):

(Bi wf + 4)1Biwf
I/ Peh,=I/Pef, + (1/ Pe.,, ) / . lB!

8 N, + (Bl ws + 4) Bi.;

More detailed expressions which include heat of reaction effects have been
developed (Windes, 1986); however, these additional terms do not have a
significant effect on the overall Peclet number for the operating conditions of our
study.

Heat transfer to reactor wall For a heterogeneous reactor model, the heat
transfer to the wall must be partitioned between fluid and solid phases. An
overall wall heat transfer coefficient is sufficient for the pseudohomogeneous
model. A detailed series-parallel mechanism has been used for several years
(Yagi and Kunii, 1960), but experiments have shown a large amount of scatter in
the results. Experiments estimating wall heat transfer from wall mass transfer
(Olbrich and Potter, 1972) indicated a wall heat transfer coefficient much higher
than that found in other experiments. Various forms for correlating the wall heat
transfer in terms of a Nusselt number are compared and discussed in Li and
Finlayson (1977). A few authors have correlated the heat transfer coefficient in
terms of the Biot number (Dixon et al., 1978).

There are almost no published data on the solid/wall heat transfer coefficient.
An estimate obtained from the series-parallel model neglecting all fluid phase
terms indicates a Biot number Biws of -6. Due to the large uncertainty of the
correlations for the wall heat transfer coefficient, this parameter was estimated
from experiments without reaction (Schwedock, 1983). These experiments
indicate a larger amount of wall heat transfer than predicted by Dixon's
correlation. For the heterogeneous model, the Bi.; and Biwjwere set to the same
value since we had no method of separately identifying them.

Effective axial thermal conductivity The axial Peclet number (Pe;,,) includes
stagnant and flow dependent components. In using and comparing one and two
phase models, an equivalence relationship is needed between the effective
conductivity of the pseudohomogeneous model and the parameters of axial
conductivity in the heterogeneous model. Two different equivalence relationships
have been proposed (Vortmeyer and Schaeffer, 1974; Dixon and Cresswell.
1979), compared, and discussed (Vortmeyer and Berninger, 1982; Cresswell and
Dixon, 1982). Since experimental data indicate that Pe~2 is substantially less than
the asymptotic value of Pe;", = 2 at high flow rates (Votruba et al., 1972; Gunn
and Desouza, 1974), inclusion of the interphase heat transfer in the effective axial
conductivity (Vortmeyer and coworkers) seems justified. Cresswell and Dixon
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(35)

16 t.,c. WINDES, M.J. SCHWEDOCK AND W.H. RAY

modified the equivalence relation to include wall-cooled reactors:

1 1 [ 64 ( Biw ) (dp ) ] 1 1
Pe~z = Petz 1 + Pehr Bi; + 4 d, + Pe;z+ St~

For our reactor system, this expression gives Pe~z = 0.44. Using this value (as
opposed to neglecting axial heat transfer) has little effect on conversion and
affects the temperature profile by no more than 5 C.

SOLUTION OF THE REACTOR MODEL

The previous sections have laid the foundation for executing an efficient
simulation of the packed bed methanol oxidation reactor. As commonly done in
reactor modelling, the partial differential equations were converted to ordinary
differential equations and algebraic equations by the method of orthogonal
collocation (Villadsen and Stewart, 1967; Finlayson, 1971, 1974; Young and
Finlayson, 1973; Villadsen and Michelsen, 1978). The collocation was done in the
radial and axial directions, and computations for collocation points and weights
were executed by subroutines given by Villadsen and Michelsen (1978). The final
equations consisted of one set of non-linear ODE's for solid temperature to be
integrated in time, a linear set of algebraic equations for fluid temperature, and
two sets of non-linear algebraic equations for two independent reaction species,
methanol and carbon monoxide. The algebraic equations were solved at each step
in time. The number of equations in each set was equal to the number of interior
collocation points, since the boundary collocation points were eliminated in terms
of the interior points. The final collocation equations for the heterogeneous
model are shown in Appendix C.

As indicated above in Eqs. (28-31), the fluid phase equations include the
classical axial boundary conditions used for the pseudohomogeneous model,
except that these boundary conditions are modified to account for the two
dimensional nature of the problem (Young and Finlayson, 1973). The inclusion of
radial heat transfer in the axial boundary conditions (28b) results in decreased
heat losses from the entrance end of the reactor. The 2-D boundary condition
effectively alters the axial Peclet number by -10-15%. However, the resultant
change in temperature profiles, conversion, and selectivity is insignificant.

Nontrivial solid phase axial boundary conditions have been derived for the two
dimensional heterogeneous model. The boundary conditions (28c, 29c) are based
on the method used by Young and Finlayson (1973) without fluid flow terms. A
one-point collocation solution is applied to axial conduction in a solid cylinder,
and the solid phase heat flux at the exit is assumed to be zero.

After application of the orthogonal collocation method to a particular type of
reactor model, three numerical factors which determined the speed of solution for
a particular transient simulation were the solution method, error criteria, and
number of collocation points. A standard polyalgorithmic package "EPISODE"
(Byrne and Hindmarsh, 1975) was used to integrate the equations in time. A
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PACKED BED REACTOR MODEL 17

variable step-size, variable order Adams method, with functional iteration
suitable for non-stiff problems was satisfactory and was faster than other options.
The slow step in the solution procedure is repeatedly solving the nonlinear
algebraic equations at each time derivative evaluation. A successive substitution
method using an initial guess matching the solution of the previous time step and
a "damping parameter" to achieve convergence proved to be the most effective
method. An alternative method with a user-written Newton's method used
substantially fewer iterations and had better convergence properties, but it was
30-50% slower due to Jacobian evaluations. A standard non-linear equation
package was an order of magnitude slower still.

Convergence of the temperature and concentration profiles was observed as the
number of collocation points increased; however, the number of collocation
points is critical in adjusting the speed of the simulation. The most important
difference is in changing from one to two radial collocation points. Two radial
points takes three to four times as long to solve as one radial point, but significant
differences in the results occur due to the steep radial temperature profiles and
the highly nonlinear reaction rate. Three radial collocation points give only a
slight improvement over two while taking at least three times as much computer
time; therefore, two radial collocation points is the recommended choice.
Solutions with six axial collocation points often show numerical artifacts for steep
profiles, and fewer axial points give inaccurate results. Ten axial points give
accurate results for all stable cases modelled for this reactor, but eight axial points
appear to be sufficient for experimentally realistic operating conditions. In
general, the number of collocation points required to represent a converged
solution will depend upon the steepness of the profiles and the adequacy of
profile representation by polynomials. The axial profiles of the methanol
oxidation reactor are moderate, otherwise more complicated collocation schemes
would be necessary.

COMPARISON WITH EXPERIMENTAL DATA

The realism and validity of a mathematical model can best be evaluated by
comparing simulations with experimental data. The reactor model has been
compared with other work dealing with methanol oxidation in a packed bed
reactor. In Figure 4, the circular points represent the pilot plant reactor data for
one set of experimental conditions (Emig et al., 1972; Panthel, 1977). The solid
lines represent calculations made using literature correlation parameters with only
the kinetic pre-exponential factor adjusted to account for the unknown catalyst
activity. The hot spot occurred too close to the entrance of the reactor, and the
temperature decreased too rapidly downstream of the hot spot. However, PantheI
and Emig et al. fit all of their data using a much lower wall heat transfer
coefficient than is given by published correlations. If the Biot number at the wall
is reduced by a factor of two, then a good match is obtained with the results of
Panthel for three different experimental conditions, and the dotted line in Figure
4 shows one such case.
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18 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

Bi.. YIELD CO
3.85 0.917 0.065
1.5 0.923 0.066

o 0 0 IIxpt 0.9J4 0.066

700 ...----,--r-'T'<:--...".,_---.-----,
;z
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~ 650 +---H'----f----\+----''"-;-jf--"c--j
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o

3600 +---Il---I--t---+---''''-t---''-o<;ju..
UJ
z
::J
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z
UJ
o

5040302010
500 +r-r--.....-l--...,..,,-,--h..,....-rl-.-....-.f-r--.r-r-j

o
REACTOR LENGTH

FIGURE 4 Comparison between simulation and experiment. T; = T; = 513'K, YI' = 0.05. Data from
Panthe I (1977).

The second example is from work done in Italy in the 60's and early 70's
(Dente et al., 1966; Dente et al., 1972). Figure 5 shows that good agreement is
obtained between our model and their experiments by adjusting only the
pre-exponential kinetic parameter. Half order dependence on methanol partial
pressure as indicated by their experiments gives better results than a first order
dependence as suggested by some later literature. The later paper of Dente
showed reactor modelling which predicted excessive hot spot temperatures for a
feed mole fraction of 0.07. Our simulations also gave hotter temperature profiles
than the experimental data.

Results comparing model to experiment for our methanol oxidation reactor are
presented in the sequel.

675 -.----.-----.----y----,r----,

OROER YIELO CO
FlRST 0.927 0.028
HALF 0.952 0.027

'5kA.-+-- 0 0 0 EXPT 0.98 0.02

FlRST 0.931 0.049
HALF 0.944 0.042

EXPT 0.94 0.04

;z
£.. 650 +--f--t'I.-----t-
o,
::;;
UJ
t
o 625 +--1'-,4"
5
...Ju..
UJ 600 +-H'---:::::i::---~~
z
::J
cr
~ 575 -H~--+----I-"~~2+..",.--+---_l
z
UJ
o

550 +..,..,..,.-.-h--...,..,rl--.-r-r-.--h..,.-.-rl--...,..,..,.-i
o 10 20 30 40 50

REACTOR LENGTH

FIGURE 5 Comparison between simulation and experiment. T;= Tw = 555'K, Yli = 0.03, 0.05. Data
from Dente er al. (1972).
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PACKED BED REACfOR MODEL

STEADY STATE SIMULATION RESULTS

19

Having established that the model can successfully represent experimental data
from a variety of laboratories, it is useful to study the effect of operating
conditions and reactor parameters on reactor behavior.

Sensitivity of the model to kinetic, transport, and operating parameters has
been assessed by steady state simulation. Strong interactions exist between many
of these parameters, and the sensitivity depends on the set of values chosen for
the standard steady state about which the parameters are varied. Here the base
case parameter set was selected to match the experimental results from our
reactor.

Parametric Sensitivity

Figure 6 shows steady states for different values of the kinetic pre-exponential
factor (i.e., catalyst activity) for the primary reaction. As the rate increases, the
hot spot shifts toward the entrance of the reactor. The temperature increase is
limited for fast reaction rates because of depletion of the methanol in the inlet
region of the reactor. The chief factor in limiting the parametic sensitivity to
kinetic parameters is the significant diffusion limitation within the catalyst. If the
effectiveness factor is taken to be unity, the reactor exhibits runaway behavior
with small variations in the reaction rate parameters. However, in reality,
diffusion limitations are significant and changes in the effective diffusivity within
the catalyst pores has a large effect near the reactor hot spot (d. Figure 7).

Radial Peelet number and wall Biot number have similiar effects on reactor
performance and are the most important heat transfer parameters. Reactor

o

l::~
~ 0 35 70
....

I
o

Axial Distance, em Parameter Variation (%)

7035
o
o

~ 0.1O-,------'L--.,---,
o
::>
o
o
0:
Q.

7035o

z 1 ..,r-:-:;;;;::l~~::::::l
~o

0zen
,,0:
r W
.... >
WZ
:0;0 0 -1"""----+-----1

o

Axial Distance, em Axial Distance, em

FIGURE 6 Steady state parametric sensitivity to kinetic pre-exponential factor. (1) -40%; (2)
-20%; (3) base case, 0%; (4) +20%; (5) +40%. A: Centerline axial temperature profiles; B:
Performance with parameter variation: (i) Yield, (ii) Conversion @ 25 ern, and (iii) CO production;
C: Axial methanol conversion profile; D: Axial profile of mole fraction carbon monoxide production.
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20 t..c. WINDES, MJ. SCHWEDOCK AND W.H. RAY

B
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FIGURE 7 Steady state parametric sensitivity to effective diffusivity in the catalyst. (1) -40%; (2)
-20%; (3) base case, 0%; (4) +20%; (5)+40%. A: Centerline axial temperature profiles; B:
Performance with parameter variation: (i) yield, (ii) conversion @ 25 em, and (iii) CO production; C:
Axial methanol conversion profile; 0: Axial profile of mole fraction carbon monoxide production.

temperature and composition profiles are shown in Figure 8 for changing values
of radial Peclet number. Due to the large radial temperature gradients of up to
80°C over a distance of 1.3 em, the radial Peclet number is the most important
heat transfer parameter. The majority of the radial heat transfer takes place by
mixing in the gas, and varying the effective radial thermal conductivity by 20% can
change the hot spot temperature by 40°C. Since this reactor exhibits a large wall
heat transfer coefficient, the sensitivity to the Biot number is considerably less

u u

° °
W 450 W 450a:a: :::>
:::> ......

350 " 350" a:a: ww ....
250 '" 250

'" ww 0 35 70 ......
Axial Distance, em Normalized Radius

0

z1 ~O.15
-'0 :::>0- 0Zlll
"a: 0
"w a:
...> c,

~~ 0 0 a
u u 0 35 70

Axial Distance, em Axial Distance, em

FIGURE R Steady state parametric sensitivity 10 radial fluid Peclet nurnber-Pe., (I) -40%; (2)
-20%; (3) base case, 0%; (4) +20%; (5) +40%. A: Centerline axial temperature profiles; B: Radial
temperature profile at 25 em; C: Axial methanol conversion profile; D: Axial profile of mole fraction
carbon monoxide production.

D
ow

nl
oa

de
d 

by
 [

U
ni

ve
rs

ity
 o

f 
C

hi
ca

go
 L

ib
ra

ry
] 

at
 1

1:
19

 0
2 

O
ct

ob
er

 2
01

4 



PACKED BED REACfOR MODEL 21

than for radial Peclet number. Thus, heat transfer within the bed rather than at
the wall is limiting. The particle/fluid heat transfer coefficient has been estimated
by correlations, and the reactor was found to be operating in a region of
parametric insensitivity where a large increase in fluid-particle heat transfer
causes little change in reactor performance. However, the reactor is highly
sensitive if hfs is decreased below -50% of the base value. Sizeable variations in
radial or axial mass dispersion caused little change in the modelling results and
the compositions are predicted to be approximately uniform over the reactor
radius.

Operating Conditions

The effect different operating conditions have on the two-dimensional heteroge
neous model is shown in Figures 9-11. Each of the operating variables-wall
temperature, feed temperature, feed mole fraction, and feed flow rate-have a
value for which the yield is maximized. The carbon monoxide production changes
nonlinearly as a function of the operating variables. Increasing the feed
temperature (Figure 9) shifts the hot spot toward the entrance and increases the
temperature in the first portion of the reactor; however, this causes a decrease in
temperature in the latter half of the reactor. Increases in wall temperature
(Figure 10) or feed mole fraction cause the temperatures throughout the reactor
to rise with the greatest effect at the hot spot. The position of the hot spot shifts
only a small amount. Increasing the flow rate through the reactor shifts the hot
spot toward the exit and makes the hot spot less severe (Figure 11).

The effect of reactor operating conditions are compared for four different
model types (Figures 12-14), and the model equations for each model type are
listed in Appendix B. The different models show qualitatively similar yield

o o
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FIGURE 9 Steady state profiles for variations in feed temperature. T,= (1) 200. (2) 220. (3) 240, (4)
260, (5) 2RO. A: Centerline axial temperature profiles; B: Radial temperature profile at 15em; C:
Axial methanol conversion profile: D: Axial profile of mole fraction carbon monoxide production.
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22 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY
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FIGURE 10 Steady state profiles for variations in wall temperature. T; = (I) 230, (2) 238, (3) 246,
(4) 254, (5) 262, (6) 270. A: Centerline axial temperature profiles; B: Radial lemperature profile at
25 em; C: Axial methanol conversion profie; D: Axial profile of mole fraction carbon monoxide
production.

curves, but the position of the optimal yield for the operating variables is different
for the one and two dimensional models. Some trends are noted which give
insight into the differences between models.

On the low temperature side of the optimal yield operating point, the feed flow
rate and the wall tempeature have a dominant influence (cf. Figure 12). Feed
temperatures (Figure 13) under 250°C and feed mole fractions (Figure 14) less
than 0.05 have only a small effect on product yield. By contrast, at high feed
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FIGURE II Steady state profiles for variations in feed flowrale (g/sec). m = (I) 1.0, (2) 1.2, (3) 1.4,
(4) 1.6, (5) LB. A: Centerline axial temperature profiles; B: Radial temperature profile at 17.5cm; C:
Axial methanol conversion profile; D: Axial profile of mole fraction carbon monoxide production.
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1.0,-------------------,

4

WALL TEMPERATURE, -c

FIGURE 12 Formaldehyde yield with varying wall temperature-model comparison. (1) -- 2-0
heterogeneous; (2) . - . - 1-0 heterogeneous; (3) - - - 2-0 pseudohomogeneous; (4) .... 1-0
pseudohomogeneous.

temperatures and feed mole fraction methanol, the reactor is quite sensitive and
approaches runaway conditions.

Figure 14 shows a distinctive local minimum in yield at -3% methanol feed.
This minimum is seen in simulations with all models and was also observed
experimentally. It is not a characteristic of the model choice but results from the
half-order redox kinetic expression. First-order redox kinetics do not show this
type of behavior.

300

90

.86 +-.-----+-,----1r--.-+--.-+-I----1
200

88

.92

o
...J
lJ.J

>=

.94 -,----------===0::;::---;;--,

FEED TEMPERATURE, -c

FIGURE 13 Formaldehyde yield with varying feed temperature-model comparison. (1) -- 2-0
heterogeneous; (2) . - . - 1-0 heterogeneous; (3) - - - 2-0 pseudohomogcneous; (4) ... 1-0
pseudohomogencous.
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FEED MOLE FRACTION METHANOL

FIGURE 14 Formaldehyde yield with varying feed mole fraction-model comparison. (1) -- 2-D
heterogeneous; (2) . - . - 1-D heterogeneous; (3) - - - - 2-D pseudohomogeneous; (4) .... I-D
pseudohomogeneous.

Model Comparison

In choosing between different models for a packed bed reactor with large radial
temperature gradients operating at a stable steady state, we consider both one
and two dimensional models and pseudohomogeneous and heterogeneous mod
els. Some factors neglected in going from a two dimensional to a one dimensional
model (as discussed by Pereira Duarte et al., 1984b) are a non-parabolic radial
temperature profile, axially varying overall heat transfer resistance, and the fact
that interphase heat transfer causes interactions between solid and fluid phase
heat transfer. However, the primary difference between the one and two
dimensional representation is due to the nonlinear temperature sensitivity of the
reaction rate. The radial mean temperature used in the one dimensional model
indicates a lower rate of reaction and higher selectivity than the mean rate
calculated from the multiple temperatures at radial collocation points in the two
dimensional' model. Thus a two dimensional model gives a better representation
of the high temperature regions, more rapid reaction rates and greater by-product
formation at the severe conditions near the center of the reactor. Use of a two
dimensional model is most crucial when severe conditions exist in the reactor and
the apparent activation energy is large, giving strong reaction rate dependence
upon temperature. A reactor design based on a one dimensional model has a
larger diameter and is longer than one based on a two dimensional model.

For the methanol oxidation reactor in this case study, severe conditions exist
when the reactor operates near the optimum yield point. As can be seen from
Figures 12-14, when the reactor operates at low temperatures (below the
optimum yield point), the two dimensional model will give higher yields than the
one dimensional model due to the larger average conversion rate of methanol to
formaldehyde. When the reactor operates at temperatures above the optimum
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PACKED BED REACfOR MODEL 25

yield point, the production of the by-product carbon monoxide gains importance,
and the two dimensional model indicates lower yields than the one dimensional
model. As a result, the two dimensional model predicts a lower optimum value
for wall temperature, feed temperature, and feed mole fraction methanol, and a
larger optimal flow rate.

The other major model assumption is the choice of either a single or two phase
model. Some factors to be considered in comparing one and two phase models
are:

(a) selection of a pseudohomogeneous temperature (T*) within the range Tt to
1;.;

(b) selection of pseudohomogeneous heat transfer parameters Pe., and Bi; to
give the best approximation to the two phase radial heat transfer parameters;

(c) calculation of a nonisothermal effectiveness factor so that the pseudo
homogeneous reaction rate equals the rate for the heterogeneous model:

1/*(T*, T, - Tt)RM(T*) = 1/(Ts)RM(Ts)
(one phase) (two phase)

(d) compensating for a slower secondary reaction rate (carbon monoxide
production) for the single phase model if T* < Ts, because the rates in the
two phase model are based on T;

The comparison between the one and two phase models is little affected by
axial heat transfer. However, the model comparison is complicated by the fact
that radial heat transfer occurs in both the solid and the fluid phases for the two
phase model rather than in the fluid phase only for the one phase model (see
discussion in Pereira Duarte et 01., 1984a). To see these problems more clearly,
let us consider the one dimensional energy balance given in Appendix B:

two phase:

single phase:

dTt
dz = Sth(Ts - Tt) + at(Tw - Tt)

0= Sth(Tt - Ts) + as(Tw - Ts) + (1 - cb)BRRe(Ts)

(36)

(37)

(38)

If radial heat transfer is lumped in the fluid (at = a, as = 0), then the proper
selection of T* would be T* = Tt. If there were equal heat transfer in solid and
fluid (at = as), then T* could be chosen as

T* = T.vg = (Tt + Ts)/2

even though some mismatch would still exist due to

at; dT*
-*--.
dz dz

(39)

(40)
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26 L.C. WINDES, MJ. SCHWEDOCK AND W.H. RAY

Since the radial heat transfer rate in the fluid phase is approximately five times
that in the solid, for the present case, we chose T* = Tr.

For some special cases almost perfect matching can be achieved between the
pseudohomogeneous and heterogeneous models. For example, if T* = Tr and
there is no radial solid heat transfer (as = 0), then the pseudohomogeneous heat
transfer parameters are equal to those of the fluid: Pei; = Pet, and Bi.; = Bi wt. In
this case, the one and two phase models are equivalent for a single reaction
within the accuracy of the nonisothermal effectiveness factor representation for
calculation of the pseudohomogeneous reaction rate. Similarly, in the limit of
large interphase heat transfer (Sth and hts-> 00), then Tr = T, and a = at + a" and
the two model types are again equivalent.

However, for the realistic case of moderate interphase heat transfer resistance
and radial transfer in the solid phase, the interphase catalyst temperature rise of
the two phase model will be less than the temperature rise assumed in the
nonisothermal effectiveness factor calculation of the single phase model. This is
due to the presence of un modelled heat losses of the solid particle to adjacent
solid particles. Comparing terms of the one and two phase models:

[Sth(T, - Tr) = (1 - Eb)BRR,(T,) - a,(T, - Tw)J 2-phase

[Stb(T, - Tr) = (1- Eb)BRR.(T,) ""(1- Eb)BRR,(T*)] l-phasc

Thus, the pseudohomogeneous model has a higher reaction rate because
(T, - Tr ) l-phasc > (T, - Tr h-phasc which results in slightly higher reactor tempera
tures and conversions.

Note that the heat flux to the wall for the one phase and two phase models is
given by:

(42)

Now to compare them, let us assume the heat transfer coefficients are added
(a =at + a,) and T* = Tr; then the respective wall heat fluxes are:

q(l) = (at + a.,)(Tr - Tw ) (43)

q(2) = at(Tr - Tw ) + a,(Tr - Tw ) + as(T, - Tr) (44)

The single phase wall heat flux is less than that of the two phase model. To force
equality of the heat flux for the two models, a varying overall coefficient must be
used:

(45)

Thus it is difficult to exactly compare these models because one must make
assumptions about parameters.

The differences between the one phase and two phase models are summarized
in Table II together with proposed compensations to the single phase model.
Based on our experience with the present system, these compensations can be
very effective in matching the results of the two models. The extent of the
maximum error in formaldehyde yield (~YF)eX;l methanol concentration (~YM)eX;l
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TABLE II

27

Effects of assumptions in the pseudohornogeneous model---eomparison with heterogeneous model

Effect

I. R(T') S R(T,)

(7: - T()l.phll~e > 1
2. )(1; - 7j 2-phase

in effectiveness factor
calculation

(radial heat flUX)I·Ph"~< I
3. )(radial heat flux 2.ph"~

4. Reo(T*) S Reo(T,) lower
secondary reaction rates

Results for single-
phase model simu- Suggested cornpen-
lation compared to sation within single-

Cause two-phase model phase model

No explicit calcula- ( ~Y".,,; -8% ) non isothermal
tion of fluid and .6 Tma~::;: -23°C effectiveness factor
solid temperature

~y ;+18% so that ~*(T*.

and T*:5 t; M e lll l T, - Tr) R(T*);
~(T,) R(T,)

Conduction through correlate larger
solid phase in 2- apparent inter-
phase model phase heat

transfer coefficient
in single-phase
model effectiveness

(~Y ;+2%) factorFcXII
~YMn;'; +5%

Larger driving force .6Tm a x = +9°C correlate larger ap-
for radial heat parent radial heat
transfer in the solid transfer in the 1-
phase than in a phase model
lumped phase be-
cause T, ~ T*

No explicit calcula- C' ~'"'%)
approximate ~T;

CUI

tion of fluid and 6. YMellil = - 30/0 T; - Tr. then usc
solid temperature /:i.Tm ax ::;: -7QC Reo;f(T*, ~T)
and T*:$ J: OR adjust kinetics

ti. YCOexil = - 20% so that keo(l-phase)
>keo(2-phase)

CO formation (6 Yeo)exil and temperature (6 T)max are indicated for the operating
conditions and parameters given in Table I. In general,

(
primary reactiOn) > (radial solid heat) > (SeCOndary reactiOn)

rate effects transfer effects rate effects

The primary reaction rate effects are proportional to the interphase temperature
difference. The radial solid heat transfer effects are most significant at lower flow
rates when the radial heat transfer through the solid (0'5) is a significant fraction
of overall radial heat transfer (0'). As lYs! 0' becomes small «0. I), then radial
lumping of the fluid and solid is appropriate. The secondary reaction rate effects
are most significant under conditions when the secondary reaction rate is
substantial (> 10% of products), when the secondary reaction is highly exother
mic compared to primary reaction, or when the interphase temperature difference
is large.

For the model comparisons presented in Figures 12-14 and in the dynamic
simulation, only compensation in the effectiveness factor calculation (Effect # 1 in
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28 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

Table II) has been made. The differences due to the remaining effects can be seen
in the figures. Since the solid and fluid temperatures differ by less than 15°C for
the methanol oxidation reactor, only modest differences between the one and two
phase models are observed. The main point of difference to be noted is that the
pseudo homogeneous models give consistently higher reactor temperatures and
formaldehyde yields. Reactor designs based on the pseudohomogeneous models
indicate similar tube diameters and mass flow rates to the heterogeneous models
but slightly underestimate the necessary tube length.

DYNAMIC RESPONSE OF THE REACTOR MODEL

A study was made of model predictions of reactor dynamics for step changes in
the operating variables. Figures 15-19 show the effects of step changes in wall
temperature, feed temperature, feed mole fraction, and feed flow rate. These
figures show the two steady state temperature and composition profiles and a few
of the intermediate transient profiles for the two dimensional heterogeneous
model. Another way to observe the dynamics is to plot in time the temperature
and conversion at a particular location in the reactor and the yield and carbon
monoxide production at the exit (Figures 20-23). These figures show comparisons
of the different types of models.

A step increase in wall temperature (Figure 15) shows an overall increase in
mean reactor temperature with subsequent increases at the hot spot. The
temperature changes first near the wall (Figure 15b), and then a greater increase
takes place in the interior of the reactor due to a large increase in reaction rate.
The two dimensional model shows a delay in the centerline temperature response

35
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FIGURE 15 Reactor dynamics-Response to a step in wall temperature. 240 to 260 C. (I) Steady
slate @ 240 C: (2) 0.5 min; (3) 1.0 min; (4) 1.5 min; (5) Steady state @ 260 C. A: Centerline axial
temperature profiles; B: Radial temperature profile at 25 em; C: Axial methanol conversion profile;
D: Axial profile of mole fraction carbon monoxide production.
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29

FIGURE 16 Reactor dynamics-Response to a step up in feed temperature. 230 to 270C. (I)
Steady state @ 230 C; (2) 0.5 min; (3) 1.0 min; (4) steady state @ 270 C. A: Centerline axial
temperature profiles; B: Radial temperature profile at 15 em; C: Axial methanol conversion profile;
D: Axial profile of mole fraction carbon monoxide production.

(Figure 20a) which is more physically realistic than the immediate response of the
radially lumped, one dimensional model. A transient maximum in yield occurs as
the reactor temperature increases to, and passes through the conditions of
maximum yield (Figure 20c). The carbon monoxide production (selectivity) is
largely controlled by the hottest temperature region in the reactor, and so it
responds somewhat more slowly than the methanol conversion (Figures
20b,20d).

0
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0 B° o. 400
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""~
W

0: 0:
::> ::> 330.... ...... ..
0: 0:
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C z 0

!UZJ r~
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FIGURE 17 Reactor dynamics-Response to a step down in feed temperature. 270 to 230C. (1)
Steady state @ 270 C; (2) 0.5 min; (3) 1.0 min; (4) 1.5 min; (5) Steady state @ 230 C. A: Centerline
axial temperature profiles; B: Radial temperature profile at 15cm; C: Axial methanol conversion
profile; D: Axial profile of mole fraction carbon monoxide production.
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FIGURE 18 Reactor dynamics-Response to a step in methanol feed. 4% to 5%. (I) Steady state
@ 4%; (2) D.5 min; (3) I.D min; (4) steady state @ 5%. A: Centerline axial temperature profiles; B:
Radial temperature profile at 25 em; C: Axial methanol conversion profile; D: Axial profile of mole
fraction carbon monoxide production.

For an increase in feed temperature (Figure 16), the initial decrease in hot spot
temperature due to depletion of reactants is followed by the rapid development of
a new hot spot closer to the reactor entrance. A decrease in feed temperature
(Figure 17) results in a transient increase in the maximum reactor temperature as
the hot spot moves downstream and then the temperature drops. The severe
transient hot spot is due to increased methanol contacting the original reactor hot
spot before it has been cooled by the lower temperature feed. This wrong-way
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FIGURE 19 Reactor dynamics-Step increase in feed flow rate. 1.12 to 1.6Rg/sec. (I) Steady state
@ 1.12 g/sec; (2) 0.5 min; (3) 1.0 min; (4) 1.5 min; (5) Steady State @ 1.68 g/sec. A: Centerline axial
temperature profiles; B: Centerline temperature at (i) --- 17 em, (ii) - - - - 25 em, (iii) ....
35 em; C: Axial methanol conversion profile; D: Axial profile of mole fraction carbon monoxide
production.

D
ow

nl
oa

de
d 

by
 [

U
ni

ve
rs

ity
 o

f 
C

hi
ca

go
 L

ib
ra

ry
] 

at
 1

1:
19

 0
2 

O
ct

ob
er

 2
01

4 



PACKED BED REACfOR MODEL 31

E
u

A
~

B...

'"'""~
@J 900

~ e" ....::~:::;;;::.:.·.!.:.ii-: i.
0a:: u #:::~ enw on .~.

0. N ."
a:

" @J 275 w 400
>

~ 0 1 2 3 z 3
0
o

TIME (MIN)TIME (MIN)

c ,_ z D
.95

'"
.__ ._~~'=~':~--=;:§-" ~ '"E:JI-

0 ~. 1 U o =--';;,,1"'li''''~'~

~2 :::>w 0;;: 0

.80 I I a:
c,

0
"

~ 0 0 1 2 3
o

TIME (MIN) TIME (MIN)

FIGURE 20 Reactor dynamic. for wall temperature step. 240 to 260 C-Model comparison. (I)
--- 2-D heterogeneous; (2) . -. - I-D heterogeneous; (3) - - - - 2-D pseudohomogeneous; (4)
.... 1-0 pseudohomogeneous. A: Centerline temperature at 25 em; B: Methanol conversion at
25 em; C: Yield; D: Mole fraction carbon monoxide production.

temperature response is more severe in the pseudohomogeneous model than the
heterogeneous model (Figures 21a, 22a). Wrong-way behavior of the carbon
monoxide production is shown by the two dimensional pseudohomogeneous
model due to the large amount of wrong-way behavior in the hot spot
temperature. If the heterogeneous model is used, the catalyst temperature near
the entrance of the reactor will not change as rapidly as the pseudohomogeneous
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FIGURE 21 Reactor dynamics for feed temperature step, 230 to 270C-Model comparison. (I)
--- 2-D heterogeneous; (2) . - . - I-D heterogeneous; (3) - - - - 2-D pseudohomogeneous; (4)
... I-D pscudohornogeneous. A: Centerline temperature at 25 em; B: Methanol conversion at 25 em;
C: Yield; D: Mole fraction carbon monoxide production.
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FIGURE 22 Reactor dynamics for feed temperature step, 270 to 230 C-Model comparison. (I)
-- 2-D heterogeneous; (2) . - . - 1-0 heterogeneous; (3) - - - - 2-D pseudohomogeneous; (4)
.... 1-0 pseudohomogeneous. A: Centerline temperature at 25 em; B: Methanol conversion at
25 em; C: Yield; 0: Mole fraction carbon monoxide production.

model temperature, which undergoes a step change. Therefore, the reactant
stream contacting the reactor hot spot undergoes more severe transients in the
single phase model. The response to feed temperature is generally slower than
the response to wall temperature because changes must be propagated down the
reactor bed rather than through the short distance from the wall toward the
reactor centerline.
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FIGURE 23 Reactor dynamics for methanol feed fraction step, 4% to 5%-Model comparison. (I)
--- 2-D heterogeneous; (2) . - . - )·0 heterogeneous; (3) - - - - 2·0 pseudohomogeneous; (4)
.... )·0 pseudohomogeneous. A: Centerline temperature at 25 em; B: Methanol conversion at
25 cm; C: Yield; 0: Mole fraction carbon monoxide production.
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FIGURE 24 Comparison between one- and two-phase models--Centerline temperature profiles for
a step decrease in feed temperature. 270 to 230 C. (1) Steady slate at 270 C; (2) 0.5 min; (3) 1.0 min;
(4) 1.5 min; (5) steady state at 230 C.

An increase in feed concentration (Figure 18) causes the temperatures to
increase in the reactive region near the hot spot with little upstream or
downstream shift. Figure 19 indicates the dynamics of an increase in feed flow
rate including the appropriate changes in the transport parameters which depend
on flow rate. Although the temperature profile shifts downstream, there is no
increase in the maximum reactor temperature. Figure 19b indicates how different
regions of the reactor show widely varying dynamic temperature responses such
as wrong-way behavior and overshoot.

For all types of step changes considered, one and two dimensional models show
similar qualitative behavior, but the two dimensional model is more sensitive, and
external changes cause larger transients. However, the response of the two
dimensional model is generally slower, due to the finite propagation speed of
radial variations, particularly the radial temperature profile. Another major
difference is that the two dimensional models often show transient maxima or
minima in yield due to dynamic variations -in reactor selectivity as the radial
profiles develop (Figure 23). By contrast, the one dimensional models generally
give a monotonic yield response.

The differences between the one and two phase models can be more important
for dynamic responses than for steady state behavior. Even if the one and two
phase models are matched for steady state conditions, the dynamic responses may
not match. This is primarily due to the individual phases of the heterogeneous
model correctly having transient deviations from the steady state catalyst particle
temperature rise. A steady state interphase temperature rise is an assumption in
the non-isothermal effectiveness factor calculation of the pseudohomogeneous
model. An example is shown in Figure 24, which compares the temperature
profiles of the heterogeneous and pseudohomogeneous models after a step
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34 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

decrease in feed temperature (Figures 17, 22). The steady state agreement is
good, but the transient profiles show significant differences in the fluid
temperature.

CONCLUSIONS

The dynamic simulation of a detailed packed bed reactor model on a rruru
computer in less than real time is feasible. However, it is necessary to incorporate
an efficient method for effectiveness factor calculations. The most important
parameters for determination of reactor performance are the pre-exponential
kinetic constant and the radial heat transport parameters. A priori correlations
for these parameters are not sufficient for quantitative computations. The
interphase heat transfer coefficient and wall Biot number show non-linear
parametric sensitivity, but the methanol oxidation reactor operates in the region
of low sensitivity to these parameters.

A detailed comparison has been made between the different types of models
(one and two dimension, heterogeneous and pseudohomogeneous). The heterog
eneous and pseudohomogeneous models show good qualitative agreement,
particularly for moderate steady state conditions. The coincidence of the results
from the two models could be made even better by parameter adjustment, such
as in experimental parameter identification. The dynamic behavior of these two
types of models is substantially different in some cases (such as in the case of
axially travelling thermal waves), even if the steady states are similar. The source
of differences between the one- and two-phase models has been analysed in a
systematic manner, and methods to allow the pseudohomogeneous model to
more accurately mimic a heterogeneous model have been given.

The one dimensional and two dimensional models show different hot spot
sensitivity and different yield maxima positions. The two dimensional model is
much more effective than the one dimensional model in predicting decreases in
selectivity due to excessive hot spot temperatures. For conditions less severe than
the "optimal yield point" the one and two dimensional models give similar
dynamic responses.

Both steady state and dynamic effects of the operating conditions have been
investigated. The wall temperature has a much greater effect on reactor behavior
than the feed temperature. However, while the steady state yield declines slowly
as the feed temperature is decreased, reactor runaway can occur at excessive feed
temperatures. In addition, significant wrong-way behavior can occur for feed
temperature changes. These are especially undesirable for feed temperature
decreases which produce large transient increases in the maximum reactor
temperature. High yields are obtained for all methanol feed mole fractions in the
range of 0.01 to 0.05. However, there is a distinctive yield minimum at -3%
methanol feed concentration, making the methanol-rich feeds more desirable.
Although feeds with more than 5-6% methanol offer increased productivity, they
can lead to less selectivity by creating an excessive temperature rise within the
reactor, and are in close proximity to the explosive regime of methanol-air
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PACKED BED REACTOR MODEL 35

mixtures. Thus good safety practice and process control are essential for the
higher methanol concentrations. Feed flow rate variations shift the reaction zone
in the axial direction, and can be used to adjust performance to account for
catalyst activity and reactor length. No wrong-way behavior in the reactor
maximum temperature is observed for step changes in the flow rate.
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NOMENCLATURE

A L/r,
A j Arrhenius frequency factor for reaction j

Be matrix for particle collocation solution

BR dimensionless reactor temperature rise, = -!'1HRoLIFT"

Bi Biot number

c Concentration

C; heat capacity

d diameter

do outside cylinder diameter

d, inside hole diameter of hollow cylinder

d, diameter of surface-equivalent sphere

d; diameter of sphere with same volume to external surface ratio

de diameter of volume-equivalent sphere W.r.t. a solid cylinder

«: a.; df z , df rt a;
vectors of boundary collocation terms

D, effective diffusivity

Dr effective radial dispersion coefficient

D, effective axial dispersion coefficient

Da dimensionless Damkohler number, = RmoLM..IGo

E dimensionless, E2 = exp(y(l- liB»

E, activation energy for reaction j

F thermal velocity, = (vpCp ) [

G mass velocity, = (vp)[

h two phase heat transfer coefficient

!'1Hj heat of reaction j
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i.c. WINDES, M.J. SCHWEDOCK AND W.H. RAY

Re

St

thermal conductivity

rate constant for reaction j, = Aj exp(EJRg T)

catalyst-fluid film mass transfer coefficient

adsorption constant of component j

redox kinetic constant incorporating oxidation and reduction rates;
analogous to MeOH adsorption term

length of cylindrical pellet

length of reactor

Lewis number, ratio of fluid to solid heat capacity

Lewis number for catalyst particle

mass flow rate

molecular weight of reaction mixture

reaction order

parameter for heat transfer -125

number of collocation points in the catalyst particle

number of radial interior collocation points

number of axial interior collocation points

partial pressure of component i. = yjPr
Peclet number based on reactor length or radius

Peclet number based on catalyst diameter

total reactor pressure

vector of constants in collocation formulation for catalyst particle

radius of reactor

effective rate of methanol reaction which would release the equivalent
heat as the sum of all reactions occuring

gas constant

dimensionless effective rate of reaction for component j, = (TJjRj)1R"

rate of disappearance by reaction for component j, based on catalyst
volume, (molls crrr'cat atm)
Reynolds number, based on particle diameter

external surface of catalyst per volume reactor

Stanton number

Stanton number based on particle diameter

time

T temperature

U overall heat transfer coefficient

v superficial velocity

sr

S"

Pe'

n

r

NP

m

q,
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PACKED BED REACTOR MODEL

Wk interpolation weights

Wrz, ~" "jn "'tr, Wyz , Wyr
matrices of collocation constants

x catalyst particle coordinate

Yi mole fraction of component i, = C' Rg T

Y' partial pressure dependency of reaction rate, =R'",lk l

Y dimensionless partial pressure, = Y'IYe

Greek Letters

37

f3
y

TJ
e
A

/l", /l,
p

t;

Subscripts

dimensionless adiabatic temperature rise in catalyst, = -/)'HD,CrlATr
dimensionless activation energy, = E ,IRg Tr
void fraction

effectiveness factor

dimensionless temperature inside catalyst, = CFsI Tr)
effective thermal conductivity of catalyst particle

axial solid boundary condition terms

density

dimensionless time for catalyst particle, = 4D,tld';Ep

dimensionless time for reactor

Thiele modulus, = dxl2(Rol D,C,,)"·s

axial fluid boundary condition terms

b bed of reactor

CO carbon monoxide

e effective

ex at reactor exit

f fluid phase

F formaldehyde

h heat transfer

at reactor inlet

m mass transfer

M methanol

o reference

o oxygen

p catalyst particle

qs by radiation between solid surfaces
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38 i.c. WINDES, MJ. SCHWEDOCK AND W.H. RAY

qv by radiation in the voids

r radial

s solid phase

reactor tube

u at the catalyst surface

w at the reactor wall

x particle coordinate (spherical)

z axial
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APPENDIX A
HEAT TRANSFER PARAMETER CORRELATIONS

39

A. Solid-Fluid Interphase Heat Transfer Coefficient (Fig. 3.2.b-l Froment and
Bischoff, 1979)

Nu = h d Ik = 1 27 Pr"3 Reo.56 = 32p fs sf'

B. Solid Phase Conductivity (Bauer and Schlunder, 1978b)

Shape factors: C; = 2.5(1 + (d;/do)2) = 2.9

de = do(3112 do) 113= 0.46 ern

(1- Eh)'W9
Be= Ce -'-----'----

Eh

Radiation: N, = kq,lkf = 4asn~T3 d.lk, = 4.2

Radiative Transfer Factor: ~ = e = 0.8

(see Vortmeyer, 1980 tables 1 & 2 for alternatives)

Stefan-Boltzman constant: a.,·n = 5.67 x 10- 5 W 1m2
- K4

X=Ael kf=8; P=I+NrIX-BeIX=1.I6

k,_ )1122[(Be(l+NrIX-IIX) (X+Nr)- - (1 - Eh - In --
kf P p 2 Be

B,. -1 Be+ 1 ]---+--(N - B) =44P 2Be r c .

(AI)

(A2)

(A3)

(A4)
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40 i..c. WINDES, M.J. SCHWEDOCK AND W.H. RAY

C. Fluid Radial Thermal conductivity

Stagnant Fluid Conductivity: kef0

Geometric model: kefo/kf = (1 + EbNr)(I- (1- Eb)ll2) = 1

Series-Parallel: kef0/kf = Eb(I + O.12k.vIkf) = 2.2

k'fl' 3 /( Eb (1 - e))k
f

=4osnT de I+ 2(I- Eb) -e- kf=4.7

Convective Transport Coefficient: kfrd (Bauer and Schlunder, I978a)

Mixing length = Lf = 6.1jJFe de + (1 - 6.1jJ)Fhd"

1jJ" = v; + (1 -1jJ.)(d;/do?; D == (d;/do)2

6.1jJ = 1jJc!1jJh = (1- D/1jJh)/(I- D) = 0.815

Fe = 1.75 Flo = 2.8 d; = (2C) 112= 0.495 em

Lf = 0.91 ern

re: = GC L /k d= K or kfr" = GCpLf = 34.3fr p f fr k Kk
f f

K = 8(2 - (1 - ds / r,)2) = 13.2

kfr = kef"+ kfrd

(A5)

(A6)

(A7)

(A8)

(A9)

(AlO)

(All)

(AI2)

Perr= 6.4

D. Overall Effective Radial Thermal conductivity

1 1 1 I (Biwf+4)/BiWf I-=-+- =0197
Pe~r Perr re; 8/ N, + (Biws + 4)/sc; . (A13)

6(1- Eb)(r,/dY
N = 125 (Dixon and Cresswell, 1979) (A14)

s k, (_1_ + 0.125)
kf Nu p X

E. Wall Heat Transfer

Method A: from Specchia et al., 1980
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Constants:

Reference Hw n Nuwo

Li and Finlayson, 1977 0.16 0.93 no
Specchia et al., 1980 0.084 0.91 yes
Gunn and Khalid, 1975 4.2 0.475 no
DeWasch and Froment, 1972 0.066 1.0 yes

Method B: Compute wall-fluid and wall solid coefficients

Constants:

41

(A17)

(AI8)

Reference p

0.2 0.8
0.06/E~ 0.75
8.9 0.34

NUwf =35

Vagi and Wakao, 1959
Dixon and Cresswell, 1979
Olbrich and Potter, 1972

Wall-Solid Heat Transfer Coefficient

hws = 2.12 kr..lde; Biws = 1.06 d,/de = 6.

(Dixon and Cresswell, 1979)

Overall Wall Heat Transfer Coefficient

1 ( Petr )nu; = 8'P(de d,) + NUwf 1 + 'P Re Pr ;

kslkf .
'P 81 (B! 4)1' =2.5 (Dixon and Cresswell, 1979)

N, + Bl ws + Bl ws

Method C: Direct correlation of Biot number

Bi; = 5.3(d,/de)tr2 Re-O
.
262 = 2.8 (Dixon et al., 1978)

APPENDIX B
MODEL EQUAnONS

A. Two-Dimensional Pseudohomogeneous Model

mass:

(AI9)

(A20)

(A21)

(Bl)
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42 L.C. WINDES, M.J. SCHWEDOCK AND W.H. RAY

energy:

• sr I aZT a 1 (a aj or _
Le -=--+-- -r- --+(l-E)B R

aT:, Pehz azz Pei, r ar ar az b R c

Boundary Conditions:

(B2)

r=O
aT ay
-=-=0
ar ar

(B3)

z=O

z=l

(B4)

(B5)

(B6)

(B7)

B. One-Dimensional Pseudohomogeneous Model

mass:

energy:

(B8)

aT 1 aZT er _
Le*-=--z--+ (1- Eh)BRR, + a(Tw - T) (B9)

aT:, Pehz az az

Boundary Conditions:

z=O
aT- = Pehz(T -1;);
az

(BlO)

z=l
sr ay
-=-=0
az az

(B11)

C. One-Dimensional Heterogeneous Model

mass:

energy:

(fluid):

(B12)

(B13)

D
ow

nl
oa

de
d 

by
 [

U
ni

ve
rs

ity
 o

f 
C

hi
ca

go
 L

ib
ra

ry
] 

at
 1

1:
19

 0
2 

O
ct

ob
er

 2
01

4 



PACKED BED REACTOR MODEL

(solid):

43

Boundary Conditions:

z=o ay a~
az = Pemz(Y - y;); ~= Pefz(~ - 1;);

z = 1 ay = a~= aT, = 0
az az az

aT, = 0 (B15)
az

(B16)

The dimensionless quantities not previously defined are:

cb(pC,,)f + (1 - Cb)(pC,,),Le * = ---"--''---''-'.L_'------''-'--''---!:..'-''
(pC,,)f

GC"fL cc,»,
Pe; =-- Pe; =--

Z k
e z

r k.;

(B17)

Using a one point collocation approximation at r = 0.707, the dimensionless
overall heat transfer parameter is:

2UL 2L [ 4Biw ]a - -
Fr, r, Pe.; Bi; + 4

2L [ 4Biwf ] 2L [ 4Biws ]
af = r, Pefr Biwf + 4 as = r, Pe." Biws+ 4

(BI8)

APPENDIX C
COLLOCATION EQUATIONS FOR THE TWO

DIMENSIONAL HETEROGENEOUS REACTOR MODEL

d'T, : NZ NR

Le d S,'} = L W,·z.jkT,» + L W",ik T"kj + dsz.j + dsr,i
1:, k=1 k=1

+ Sth(Tf,ij - TS,ij) + (1 - £h)BRR,.ij (Cl)
NZ NR

0= L Wfz.jkTf,ik + L Wfr.ikTf,kj+ dfz,j + dfr,i + Sth(T',ij - Tf,ij) (C2)
k=l k=t

NZ NR

0= L Wyz,jkYM,ik + L WYr,ikYM,kj + dyz,j - (1 - £b)DaRM,ij (C3)
k=l k=1

NZ NR

0= L Wyz.jkYCO,ik + L Wyr,ikYco,kj+ dyz. j + (1- £h)DaRco,ij (C4)
k=1 k=1

where j = 1, ... , NZ; i = 1, ... , NR.
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